Improving heat capture for power generation in coal gasification plants by Botros, Barbara Brenda
Improving heat capture for power generation in coal gasification plants
by
Barbara Brenda Botros
B.Eng. Honours, Mechanical Engineering, 2005
McGill University, Montreal, Quebec, Canada
Master of Science in Mechanical Engineering, 2007
Massachusetts Institute of Technology
Submitted to the Department of Mechanical Engineering
in partial fulfillment of the requirements for the degree of
Doctor of Philosophy in Mechanical Engineering
at the
MASSACHUSETTS INSTITUTE OF TECHNOLOGY
ARCHIVES
OF ECH OLOGY
NO V 0 1 211
SEPTEMBER 2011
© 2011 Massachusetts Institute of Technology. All rights reserved
Signature of Author............ ..... . ........... .................... . . .
Department of Mechanical Engineering
August 22, 2011
Certified by...../.....
J.G. Brisson
Pro or of Mechanical Engineering, Thesis Supervisor
A ccepted by ....................... ........ ......................... .......................... . .
David E. Hardt
Chairman, Department Committee on Graduate Students
Page left intentionally blank
Improving heat capture for power generation in coal gasification plants
by
Barbara Brenda Botros
Submitted to the Department of Mechanical Engineering on August 2 2nd 2011
in Partial Fulfillment of the Requirements for the Degree of
Doctor of Philosophy in Mechanical Engineering
ABSTRACT
Improving the steam cycle design to maximize power generation is demonstrated using
pinch analysis targeting techniques. Previous work models the steam pressure level in
composite curves based on its saturation temperature alone. The present work examines
the effect of including both sensible and latent heating of steam in the composite curve.
It is shown that including sensible heating allows for better thermal matching between the
process and steam system which results in improving the overall efficiency while
minimizing the capital cost. Additionally, fixed steam headers, such as assumed in total
site analysis, give no allowance for reheating before turbine expansion, which can be
valuable to consider when optimizing the steam system for certain plant configurations.
A case study using an integrated gasification combined cycle (IGCC) plant with carbon
capture and sequestration (CCS) is analyzed to assess changes in steam cycle design on
the plant efficiency and cost.
In addition to improving the steam system within an IGCC plant to improve efficiency,
losses within the radiant heat exchanger can also be reduced. Instead of using high
temperature syngas, cooling from 1300*C to 760'C, to boil steam at 330'C, another heat
transfer fluid can be used and heated to higher temperatures. Material constraints restrict
the maximum allowable temperature of the heat transfer fluid. To maintain high heat
transfer coefficients in the heat transfer fluid, a fluid with high thermal conductivity, such
as a liquid metal, can be used and heated to high temperatures (-700'C). Liquid metals
can then act as an intermediate heat transfer medium, absorbing heat from high
temperature syngas and rejecting it to steam at temperatures in excess of 500'C. The use
of liquid metals leads to a 0.75 point increase in plant efficiency.
Gases, such as carbon dioxide and helium, are also considered as potential heat transfer
fluids in the radiant heat exchanger. These gases can be at equal pressure to the syngas
pressure in the radiant heat exchanger, reducing the tensile stress in tube walls, but their
low thermal conductivities still necessitate high strength materials at high temperature. A
Brayton power cycle with recuperation is considered in this work, absorbing heat from
the hot syngas and rejecting it to steam. Over a range of different Brayton cycle pressure
ratios and maximum temperatures, no improvement in plant efficiency was found with
respect to the case where steam is boiled in the same sized heat exchanger.
Thesis Supervisor: J.G. Brisson, PhD
Title: Professor of Mechanical Engineering
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Chapter 1
Introduction
1.1 Chapter overview
Integrated gasification combined cycle plants, which use coal feedstock to generate
power, benefit from innovations that increase power output and reduce greenhouse
emissions. This thesis focuses on improving efficiency by optimizing the steam system
for power generation and by utilizing new heat transfer fluids and materials to capture
heat more effectively.
1.2 Energy landscape
Coal is currently the primary fuel source for the generation of electricity. In 2008, coal
accounted for 41% of the electricity generated worldwide [1]. Within the United States,
coal supplies 20% of the total energy demands, predominantly used for electric power as
seen in Figure 1-1. Looking forward, the percentage of electricity generation derived
from coal is projected by the U.S. Energy Information Administration to remain
relatively unchanged from 45% in 2009 to 43% in 2035, as seen in Figure 1-2 [2]. On the
global level, the electricity demand is expected to grow by 2.2% each year between 2008
and 2035; particularly in China, which expects to see electricity demands triple in that
period. With an increasing demand for electricity and higher fossil-fuel prices, efforts are
currently focused on improving the efficiency of coal power plants.
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Supply Sources
lecmlc Power,"
Figure 1-1: Primary energy flow by source and sector in the U.S. in 2009 (Quadrillion
Btu) given by the U.S. Energy Information Administration's Annual Energy Review [3].
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25%17%
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20352000 2009 2020
Figure 1-2: Electricity generation by fuel in the U.S. from 1990-2035 [2].
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Unfortunately, the combustion of coal runs counter to the growing need to limit the
production of greenhouse gases, such as CO 2. Global concerns of climate change have
spurred international governmental actions to reduce greenhouse gas emissions. As part
of these growing concerns, countries pledged to reduce emissions by 2020 in the
Copenhagen accord of December. As part of this accord, the United States has pledged
to reduce its emissions to 17% below the 2005 values [4]. These ambitious goals cannot
be met without changes in the way electricity is generated, particularly in coal conversion
processes.
Fossil fuel power plants emit more than one-third of the CO2 emissions worldwide. The
capture and sequestration of the carbon dioxide from the power plant exhaust would
allow significant progress towards achieving the Copenhagen accords. Unfortunately, the
carbon dioxide concentrations in the power plant exhaust streams are low, typically 3-5%
in gas plants and 13-15% in coals plants [5], so that the removal of CO 2 gas is costly. In
addition, the currently available CO 2 capture technologies operate within a restricted
temperature range that significantly reduce the plant's overall thermal efficiency. The
storage or commercial use of the potential billions of tons of collected carbon dioxide is
another challenge. Commercial uses for CO2 would be ideal, but no chemical process
requires amounts of CO 2 on this order of magnitude. CO 2 can also be used in enhanced
oil recovery, or sequestered in geological sinks including deep saline formations,
depleted oil and gas reservoirs, or injected directly into the ocean [5]. Another storage
option for CO2 is in unmineable coal seams, where it diffuses through porous coal and is
physically absorbed. Given the challenges of capturing and sequestering C0 2 , an
incentive exists to reduce CO2 emissions at the source of production.
One way to improve the conversion efficiency of coal to electric power, while reducing
greenhouse gas emissions, is to use an integrated gasification combined cycle (IGCC)
plant. In an IGCC plant, a carbonaceous fuel reacts with oxygen and steam to form
synthesis gas (syngas), a mixture of hydrogen and carbon monoxide. The syngas can be
cleaned and then burned in a gas turbine to generate power. In addition, the hot flue gas
exiting the gas turbine can be used to heat steam in a Rankine cycle system. Hence the
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name combined cycle, since the gas Brayton and steam Rankine cycle are both used to
generate power. The combined cycle leads to greater efficiencies than conventional
pulverized coal plants, which use the heat from coal combustion to generate steam, which
in turn, is used strictly in steam Rankine cycles to generate power. An added advantage to
coal gasification plants is the accessibility of carbon capture. Carbon is captured in the
form of C0 2 , which is present in the syngas stream in high concentrations due to water
gas shift reactions that occur following gasification. These reactions convert water and
carbon monoxide to hydrogen and carbon dioxide. Although a small amount of energy is
released in the reaction, the energy content of carbon monoxide is essentially transferred
to a carbon-free form of energy in the form of hydrogen, while carbon is readily captured
in the form of carbon dioxide. IGCC plants that are currently in operation or under
construction that use a coal feedstock with a power output above 200 MWe are given in
Table 1-1. GreenGen, an anticipated JGCC plant being constructed in China is expected
to reach full scale CO 2 capture by 2012.
The goal of this work is to seek improvements in the design of coal gasification plants
with carbon capture by more efficiently harnessing the available heat for power
production. The focus is placed on improving heat integration and developing innovative
thermodynamic cycles by using new heat transfer fluids to increase the efficiency of the
plant.
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Table 1-1: Currently operating and under construction IGCC plants world wide [6].
Company Facility Location Year in Output Feedstock Gasifier
Service (MWe) Technology
Nuon
SG Solutions/Duke
Energy Indiana
Tampa Electric
Sokoloska Uhelna
(SUAS)
ELCOGAS
Japanese utilities,
MITI, CRIEPI
Under construction
Duke Energy
Mississippi Power
Huaneng Group
Nuon
Willem-Alexander
Centrale
Wabash River
Polk Power Station
Vresova IGCC
Puertollano
Clean Coal Power
R&D Co.
Edwardsport IGCC
Kemper County
IGCC Project
GreenGen
Magnum IGCC
Buggenum,
Netherlands
W. Terre Hate,
Indiana
Mulberry, Florida
Vresova, Czech
Republic
Puertollano, Spain
Nakoso, Japan
Edwardsport, Indiana
Kemper County,
Mississippi
Tianjin City, China
Eemshaven,
Netherlands
1994
1995
1996
1996
1998
2007
2012
2014
2011
2012
253
262
250
350
335
250
630
582
650
1200
Bituminous
coal/biomass
Coal/Petcoke
Coal/Petcoke
Lignite coal
Coal/Petcoke
Coal
Coal
Lignite coal
Coal
Coal
Shell
ConocoPhillips
GE Energy
Lurgi fixed bed
Prenflo
MHI
GE
TRIG
ECUST
Shell
___________________ I ________________ .~ .& & ________ _____________
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1.3 Integrated gasification combined cycle (IGCC) plants
An IGCC plant that is fitted for carbon capture is shown schematically in Figure 1-3.
Coal is pulverized and fed into a gasifier where it is burned with pure oxygen from an air
separation unit (ASU) to make synthesis gas (syngas). After the gas cools in a radiant
heat exchanger and/or quench cooler, it is cleaned of particulates and hydrochloric acid in
the scrubber. The syngas is then fed into a water gas shift reactor along with high
pressure steam to convert water and carbon monoxide to hydrogen and carbon dioxide
(H20 + CO <-* H2 + CO 2). The syngas is further cooled and mercury is removed with a
fixed carbon bed (not shown in Figure 1-3) before it enters the Selexol unit where CO 2
and H2S are removed. The CO2 is compressed to high pressures before being fed into a
pipeline for either sequestration or other uses. The remaining syngas, predominantly H2,
is burned in a gas turbine with a nitrogen diluent from the ASU. The exiting flue gas
from the gas turbine then goes through a heat recovery steam generator (HRSG) before
being exhausted to the atmosphere. Steam is not only generated in the HRSG unit and
syngas exiting the gasifier, but also (amongst other sources) from water-gas shift reactors
and the Claus unit furnace, as these processes are primarily exothermic.
An IGCC plant contains both process streams and utilities. Process streams are all the
necessary streams that lead from the initial input to the desired product, including all
chemical and gas streams. Utilities provide the heating or cooling requirements of the
process streams, and can be chosen from a set of different possibilities to minimize cost.
Utilities include fuel (burned in a furnace to deliver high temperature heat or to generate
steam that can be used to heat processes), electricity, cooling water, heating oil,
refrigerants and air. In an IGCC plant, the main utility is water, heated to a vapor phase
and destined for power generation. Other utilities in an IGCC plant are the refrigerants
used in the ASU, and air in the water cooling tower. The process streams include all
streams from the coal input to the combustion products, including the carbon dioxide that
is sequestered, the sulfur that is exported and the exhaust from the gas turbine, as well as
the gas streams from the air separation unit and solvent in the Selexol unit
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Figure 1-3: IGCC plant with carbon capture.
Several factors effect IGCC plant efficiency, which are assessed in this thesis. Improving
heat integration between processes and between processes and utilities can lead to
improvements in the thermal efficiency, and will be described in Chapter 2. Optimizing
the steam system design is the focus of Chapter 3. Another means to improve the thermal
efficiency of an IGCC plant is to absorb heat from syngas exiting the gasifier at higher
temperatures than are currently achievable by boiling steam in an indirect heat exchanger.
This is the focus of Chapter 4.
1.4 Steam system design
Design of the steam system is important for any chemical, refinery, power, or
cogeneration plant. Steam is often used to meet the process heating or cooling
requirements, or used as a medium to transfer heat between processes. Furthermore, if
steam is generated from steam through a number of heat sources within a plant and used
for power generation, such as in an IGCC plant with carbon capture and sequestration
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Air M
(CCS), the steam cycle and steam path through the entire plant can have significant
impact on the overall plant efficiency.
Steam paths through the plant can be optimized to best absorb waste heat and to make
efficient use of high temperature heat sources to maximize power output. After water is
pumped from ambient conditions, it is heated by various processes from a subcooled
liquid to a superheated vapor before it is expanded through a turbine. During this heating
process, water undergoes both sensible and latent heating. Conversely if the steam is
cooled, heat is rejected from superheated steam, condensing saturated steam, and sub-
cooled water. As the steam (or water) is heated or cooled, it flows from one heat
exchanger to the next, defining what is called the 'steam path'. In addition to the steam
path, the design of the steam power cycle has an important impact on plant efficiency,
which is largely determined by the degree of superheat, reheat and the turbine system
layout. The current work offers a method to target the optimum steam path and steam
cycle, going beyond the previous assumption that processes interact with steam headers
that are at a fixed temperature and pressure.
1.4.1 Graphical methods: pinch analysis
Previous work has examined heat exchanger network synthesis by minimizing the utility
system cost using graphical and mathematical programming techniques. One graphical
method that has long been a useful way to target the best design for a heat exchanger
network has been pinch analysis, described by Linnhoff & Hindmarsh [7] (other authors
include Linnhoff [8, 9], Smith [10], Kemp [11]). Pinch analysis is composed of two parts,
'targeting' and 'design'. Targeting refers to the procedure to establish (or target) the best
theoretical performance of a heat exchanger network without having to design the actual
network. Target values include the minimum number of heat exchanger units and their
area, as well as utility requirements to meet the heating and cooling needs of the
processes. The design aspect of pinch analysis refers to establishing discrete links
between process heat sources and sinks while meeting the targets for minimum heat
exchanger cost and utility requirement. Using targets instead of designing the heat
exchanger network allows multiple design options to be screened and compared quickly,
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without going through the laborious and time-consuming effort of building the entire heat
exchanger network.
To calculate these targets, composite curves are formed on a temperature-enthalpy
change per unit time (T-AN) diagram. A "hot" composite curve is constructed by
combining the enthalpy change of all heat sources over multiple temperature intervals.
This is similarly done for all heat sinks to form the "cold" composite curve. The
procedure to construct the composite curves is shown in Figure 1-4. In Figure 1-4a, the
enthalpy change per unit time as a function of temperature for two streams is shown. In
previous work, the abscissa is commonly labeled as simply 'enthalpy' but to be more
accurate, this work uses 'enthalpy change per unit time.' The slopes of the curves
represent the capacity flow rates of the streams, i.e. their mass flow rate multiplied by
their specific heat. Over each temperature interval, the heat capacities of the streams that
undergo an enthalpy change are added together to form a composite curve as shown in
Figure 1-4b. This procedure is performed for all streams and temperature intervals in the
system of interest to form both the hot and cold composite curves.
Since the composite curves represent changes in the enthalpy rates, the zero of the curve
is arbitrary, and consequently, the hot and cold composite curves can be moved
horizontally. The moving of these composite curves -horizontally towards each other
corresponds to increasing the heat transfer rate between processes, as well as increasing
the area of possible heat exchanger networks for the system. As seen in Figure 1-5, the
heat recovery potential is the shaded area between the two curves. The temperature
difference of minimum approach for any given relative horizontal position of the
composite curves is known as the pinch temperature, ATmin (shown in Figure 1-5).
If the total enthalpy change of the all the hot and cold processes is not equal, heating or
cooling will be required from an external utility. The additional heat required (the hot
utility) is shown in Figure 1-5 as the segment of the cold curve that extends beyond the
end of the hot curve, labeled as QHOT. Similarly, the additional cooling needs (the cold
utility) is shown as QCOLD. Utility streams can be added to both composite curves to
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form balanced composite curves so that the hot and cold composite curves have the same
total enthalpy rate change. AH.
As the pinch temperature difference is reduced (and hence the overall temperature
difference between the hot and cold streams is reduced), heat exchanger costs increase
(due to a necessary increase in surface area to maintain the required heat transfer rate)
and energy costs decrease (due to either less utility consumption by cold processes or
increased steam production from hot processes). Searching for the optimum trade-off in
reducing energy costs versus increased capital costs leads to the desired global pinch
temperature. To prevent the heat exchanger network costs from increasing above the
predicted capital cost using pinch analysis, no heat exchangers should have a pinch
temperature smaller than the global pinch temperature.
t Temperature (*C) t Temperature (*C)
10 10,10
30
AEnthalpy/Time
(a)
* 4
30 60
(MW) AEnthalpy/Time (MW)
(b)
Figure 1-4: Construction of composite curves. (a) Two streams are shown with their
enthalpy change as a function of temperature. (b) Two streams are combined to give one
composite curve.
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To minimize the cost of utilities, heat should not be transferred across the pinch, cold
utilities should not be used above the pinch, and hot utilities should not be used below the
pinch [12]. The reason these rules apply can be described by grouping the system above
the pinch as a heat sink, and the system below the pinch as a heat source, as shown in
Figure 1-6a. If heat is transferred across the pinch in the amount of a, then there will be
a deficit of heat above the pinch, and a surplus of heat below the pinch. This is corrected
by transferring additional heat a above the pinch from the hot utility, and exporting heat,
a, below the pinch to the cold utility as shown in Figure 1-6b. Furthermore, if utilities
are used improperly, then the minimum utility requirements are not met. For example, if
a hot utility is used to heat a process below the pinch, then additional cooling is required
in the form of (QCOLD + a) and the total heat input is (QHOT + a) as shown in Figure 1-7a.
If a cold utility is used to cool a process above the pinch, an additional heat input,
(QHOT + a), is required from the hot utility as in Figure 1-7a and the total cooling is thus
(QCOLD + a). Therefore, in order minimize utility heating and cooling, pinch analysis
dictates that heat must not cross the pinch by process-to-process heat transfer or by
inappropriate use of the utilities [10].
Temperature
QHOT
Hot composite
curve ATmi
Cold composite
curve
QCOLD
AEnthalpy/Time
Figure 1-5: Hot and cold composite curves that are moved together until a minimum
approach temperature is achieved. Shaded area is the potential for heat recovery.
Additional heating and cooling is required from utilities to meet the process needs.
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Temperature
A
QHOT Temperature
41
COLD
AEnthalpy/Time
(a)
QCOLD +
AEnthalpy/Time
(b)
Figure 1-6: (a) Composite curves that show no heat transfer across the pinch, where the
minimum utility requirements are met. (b) When heat transfer occurs across the pinch,
additional heat and cooling utilities are required.
Temperature
+ a
QHOT Temperature
Tk
AEnthalpy/Time AEnthalpy/Time
(b)
Figure 1-7: Composite curves that demonstrate improper use of utilities. In (a), a hot
utility uses to heat a process below the pinch requires additional cold utility and in (b), a
cold utility uses to cool a process requires additional hot utility.
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To select utilities to meet the process heating and cooling requirements, Morton and
Linnhoff [13] developed a graphical technique which uses the "grand composite curve,"
as constructed in Figure 1-8. The grand composite curve represents the surplus or deficit
of heat from the processes as a function of temperature. To form the grand composite
curve, the hot composite curve is shifted downwards by ATmin/2 and the cold composite
curve is shifted upwards by the same amount so that the two curves are touching at the
pinch point, as seen in the left of Figure 1-8. The reason the two curves are shifted is to
demonstrate that no heat transfer can occur across a pinch point, and the required heat
input or output at that point is zero. Then the enthalpy differences ('horizontal
differences') are calculated between the hot and cold curves as a function of temperature,
as seen in the right of Figure 1-8. The shaded triangular areas represent the process-to-
process heat integration, where a local surplus of heat satisfies the local deficit. Outside
the shaded pockets, the remaining heating or cooling demands (above and below the
pinch respectively) require the use of external utilities. Above the pinch, hot utilities are
needed, here labeled as 'Hi' and 'H2', and below the pinch, cold utilities are required,
labeled as 'Cl' and 'C2'. Note that the utility temperatures are the shifted temperatures
and not the actual utility temperatures.
Utilities are chosen in the grand composite curve to minimize utility cost based on
temperature. Let HI represent high pressure steam, H2 represent medium pressure
steam, C2 represent low pressure steam, and C1 represent cooling water. It is more
desirable from a cost perspective to generate steam at high temperature than at low
temperature, and to consume steam at lower temperatures than at higher temperatures. In
Figure 1-8, external heating is required between temperatures THI and an intermediate
temperature, TH,int, and between TH2 and Tpinch. All the external heating could have been
provided by high pressure steam at T H1. However, it is more cost effective to partially
supply heating by high pressure steam at THI and the rest from medium pressure steam at
TH2. Similarly, all the cooling of processes below the pinch could be accomplished using
cooling water at temperature Tci, but from a cost perspective, it is more desirable to
generate low pressure steam at temperature Tc 2.
-35-
Interval Temperature
QHOT
..............................................
Interval Temperature =
Actual Temperature +MATmin
+%/2ATmin : Cold streams
-% ..ATmin : Hot streams
................... ..... ..................................
..........................
- QCOLD-
H2
H1
............. TH1
................. TH int
K
C2
........n
TF
...... ..c
.-on-.s-on-- Tci
Cl
AEnthalpy/Time
Figure 1-8: Construction of grand composite curve from shifted composite curves. The
hot utilities, HI and H2, and cold utilities, C1 and C2 are used to meet the heating and
cooling needs above and below the pinch point respectively.
The assumption that generating steam at higher pressure (or consuming steam at lower
pressure) is more cost effective can be flawed if heat exchangers and turbines are more
expensive at high pressure. A more detailed cost model is required to choose utilities
instead of basing the expense of each utility on temperature alone. Shenoy [14] extended
this idea with the 'cheapest utility principle', which states that the load of the cheapest
utility should be increased with increasing utility consumption, while the load of more
expensive utilities is held constant. Optimizing the design of the steam system is the
focus of total site analysis, presented in the following section.
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1.4.2 Graphical methods: total site analysis
Another approach to optimize the steam system for cogeneration is an extension of pinch
analysis, referred to as total site analysis (TSA) [15, 16]. A typical plant site is given in
Figure 1-9, where the processes A, B and C (containing multiple streams) interact with an
external steam utility system. Fuel is burned to generate very high pressure (VHP) steam
and expanded to multiple steam headers at different pressures, generating power
concurrently. Steam headers exist as an intermediary fluid to transfer heat between
processes, while processes can also interact directly with each other. Fuel can be burned,
such as in process A, to meet additional heating needs. Cooling water provides cooling
for low temperature processes where steam generation is not possible. Furthermore,
steam turbines can be placed between steam headers to generate additional power (not
shown in Figure 1-9).
I I -I
Figure 1-9: Schematic of total site, where very high pressure steam (VHP) is generated
by burning fuel to supply steam at multiple pressures in order to interact with multiple
processes [11].
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The steam header pressures are chosen to either minimize fuel requirement or utility cost.
Dhole and Linnhoff [16] and Klemes et al. [17] describe the approach to selecting steam
header conditions for the total site. This involves forming total site profile (composite)
curves composed of the heat source and sink streams that only interact with the steam
system. Examples of site source and site sink profile curves are given in Figure 1-10.
Given the site source and sink profiles, steam pressure levels are chosen, and plotted
against the site profiles to target the expected amount of steam generation, as seen in the
left of Figure 1-11. The steam pressure levels are modeled as constant temperature
'plateaus' at the saturation temperature of each steam pressure.
Bringing the two profile curves together in Figure 1-11 until the total site pinch is
reached identifies the potential target for heat recovery and power generation. The
amount of heat recovered is Qrec. The required additional heating is provided by very
high pressure (VHP) steam and additional cooling is provided by very low pressure
(VLP) steam or cooling water (CW). The other steam pressure levels are high (HP),
medium (MP), intermediate (IP) and low pressure (LP). Steam at each pressure level is
obtained from either expanding steam through a turbine from a higher pressure level or
from hot processes. Once the total site pinch is set, the excess steam at each pressure
level forms enclosed areas in the total site curves, representing the potential for power
generation. A smaller total site pinch increases heat recovery and reduces power
generation, while a larger pinch requires the additional input of VHP steam leading due
to less heat recovery but an increased power output.
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Site source
profile Site sink
profile
A H
Figure 1-10: Site heat sources and sinks that interact with the steam system [11]. Arrows
represent the direction of heat transfer out of the site source and into the site sink profiles.
Site
source
Q rec
Site
sink
Total
Stt
Qrec
\wPIcw:
A H
Figure 1-11: Steam headers are plotted against the site source and sink profiles,
represented by constant temperature plateaus. The two curves are brought close together
to increase heat recovered (Qrec). Excess steam generated at each steam pressure level
represents the potential for work [17].
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To determine the optimum steam turbine network, Raissi [15] introduced the site utility
grand composite curve, as shown on the right of Figure 1-12. The surplus or deficit of
steam as a function of temperature is first plotted, and then different turbine
configurations are compared with the goal of maximizing profit (where the profit is the
revenue from power output minus the cost of the turbine network). To calculate the
power output, Raissi used the Salisbury approximation [18] which assumes that the
turbine power output is proportional to the difference in saturation temperatures by a
conversion factor that depends on the operating conditions of the turbine. In contrast, the
method presented in this thesis does not require the assumptions of Raissi. Steam is
modeled to include sensible heating so that information about the inlet and outlet state of
the turbine is immediately known.
Heat In
T
VHP VHP VHP
Total Site Pinch
MP?/CW %P/CW WAP/CW
Heat Out
A H
Figure 1-12: Site utility grand composite curve (right) formed from the site composite
curves (left). The site utility grand composite curve plots excess steam generated as a
function of temperature, allowing different turbine configurations to be assessed. [17]
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1.4.3 Mathematical optimization of heat exchanger networks
While the graphical method is one approach for heat exchanger network design, another
is based on mathematical programming. Graphical methods in the previous section set
energy and cost targets for the heat exchanger network, but some trial and error is
required when discrete connections are made between processes and their utilities.
Algorithmic mathematical optimization models are used to automatically generate a heat
exchanger network as described in Biegler, Grossman, Westerberg [19], and a summary
of these techniques is given below. The objective function for all mathematical
optimization techniques is to minimize cost. Most techniques use either the transshipment
model (to be described) or build a superstructure of possible heat exchanger network
configurations to find the optimum design. In all the methods to be described, steam
headers with a certain temperature and pressure are optimized. None of these methods
consider the temperature variation of steam as it is heated or cooled considered.
Papoulias and Grossman [20] develop a superstructure of all the potential configurations
of the utility system and use mixed-integer linear programming (MILP) to find the
optimum. To design the heat exchanger network, Papoulias and Grossman [21] use a
transshipment model that is also solved using mixed-integer programming by minimizing
utility cost and number of units. A transshipment model is a transportation model
describing heat transfer from hot streams to cold streams through an intermediate
"storage unit," which is based on the temperature interval to guarantee feasible heat
exchange.
In order to optimize steam header conditions, Petroulas and Reklaitis [22] solve a
superstructure of process heaters, gas and steam turbines. In their work, each heat source
and sink is limited to interact with a steam header with a maximum and minimum steam
supply pressure level respectively. Very high pressure steam is generated by burning fuel
and is expanded through a turbine to generate steam at lower pressure levels, similar to
the total site analysis shown in Figure 1-9. The superheat temperature for each steam
pressure level is linked through the turbine that is operating between each pressure level,
limiting the degrees of freedom in the steam system. In their work, the effect of
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increasing the steam superheat temperature has its advantages and shortcomings: a higher
degree of superheat results in higher power output, but it also means larger heat
exchangers, since in order to match the temperatures of process streams, steam needs to
be expanded to lower pressures, leading to larger specific volumes.
Also included in their work was the use of an energy-based criterion for the header
selection problem instead of a cost criterion, since the piping costs are not generally
available until the layout is defined. In order to find the optimum design, a reference
network is designed to include as many pressure levels as there are waste heat sources,
sinks and specified steam needs. While this system may be physically implemented, it is
impractical because it leads to a large number of steam headers at different pressures,
incurring additional capital and operational costs. They also examined the driver
allocation subproblem (the use of turbines and power generators) to minimize the cost of
imported steam (fuel input) or electricity. After solving the header problem, they solve
the driver (turbine, generator) allocation problem, which in turn changes the initial
conditions for the header problem. An iterative procedure is followed until convergence
is reached.
Colmenares and Seider [23] use non-linear programming (NLP) to solve for the optimal
pressure levels of Rankine cycles in a combined heat and power plant. Their method uses
a superstructure of cascading Rankine cycles that allows for both heat and mass
integration between adjacent power cycles, allowing for more complex configurations.
Heat is extracted from processes after pump compression and rejected to processes after
the turbine expansion. Their objective function is to minimize the total cost of utilities,
i.e. cost of fuel, cost of electricity and cost of cooling water.
Yee and Grossmann [24] solve the heat exchanger network by simultaneously
minimizing the utilities and capital cost of the heat exchanger network (heat exchanger
area and number of units) instead of sequentially as done in previous work. A stage-wise
superstructure was developed, and solved as a mixed integer nonlinear programming
(MINLP) problem. The stage-wise superstructure is a model that represents all possible
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matches between hot and cold sinks, which are separated into "stages" by temperature
(these stages are not chosen a priori, but optimized in the solution algorithm). Each stage
is solved independently by minimizing the total cost function to find the optimum heat
exchanger network. Shang and Kokossis [25] optimize steam levels by either minimizing
the utility cost (cost of fuel, cooling utility, electricity) or minimizing fuel requirement
(resulting in no power output), with both objective functions yielding different results.
Their method uses total site analysis techniques and a MILP model based on the
transshipment model. To more accurately model the operation of real equipment, the
turbine hardware model (THM) model of Mavromatis and Kokossis [26] was used, and a
boiler hardware model (BHM) was developed. Accurately capturing the performance
behavior of plant components becomes more important in multi-period operation with
varying utility demands. The optimization requires an initial value of temperature for
each steam level, which are approximated from the graphical technique of total site
analysis.
Ponce-Ortega et al. [27] extends the MINLP model of Yee and Grossman to synthesize a
heat exchanger network that includes process streams that have both sensible and
(isothermal) latent heating. Their nonlinear objective function was to minimize the cost
of the heat exchanger network based on the heat exchanger area, the fixed cost for each
unit (independent of area) and the utility cost.
Furman and Sahinidis [28] provide a recent review of methodologies for heat exchanger
network synthesis. While significant advances in mathematical techniques and
computational algorithms have improved the optimization of heat exchanger networks,
these methods have not considered optimizing the steam path through the entire plant.
Steam has only been modeled in steam headers of fixed temperature and pressure. Only
recently have process streams that include both sensible and latent heating been
considered (Ponce-Ortega et al), which has yet to be extended to utility streams.
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1.4.4 Focus of present work
Previous work to optimize heat exchanger network synthesis, whether using graphical or
mathematical techniques, has modeled steam as constant temperature "plateaus," i.e.
heating and cooling provided by a given steam pressure occur at its saturation
temperature, and has not considered the effects of sensible heating. In pinch analysis
targeting techniques, the implication of including subcooled and superheated steam is to
more accurately target the heat exchanger network area, power output and hence profit.
This is the focus of the present work. The advantage of including the sensible heating
processes in pinch analysis is that it allows a better matching of the process heat sinks
and sources to the steam utility.
The use of fixed temperature steam headers in previous work also limits the possible
configurations of steam power cycles. This work allows the variation of the temperature
of the water as it is heated from a sub-cooled liquid to superheated steam. As a
consequence, the model can capture the advantages of allowing a stream to interact with
multiple processes, each at different temperatures, as the steam is routed from one heat
exchanger to the next. This can lead to a better assessment of which hot processes should
be used for preheating, boiling or superheating of steam.
In this work, the excess heat from hot processes in an IGCC plant (that is not used to heat
cold processes) is assumed to be used to generate steam for power generation or to be
used in the water gas shift reactors. Not considered in this work is the use of steam as an
intermediary heat transfer fluid to transfer heat from hot to cold processes, as in a
cogeneration plant. Using generated steam for both power generation and heating of cold
processes in a cogeneration plant is a future extension of the current work. Cogeneration
targets calculated using total site analysis is more accurate when sensible heating is
included in the steam composite curves.
1.5 Gasification and syngas cooling technologies
While improving the steam system design can lead to significant improvements in plant
efficiency, another focus of this work is to find alternative strategies to cool syngas
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following gasification. This section describes the gasification process and current syngas
cooling technologies.
Gasification is the process by which solid feedstock, such as coal, is mixed with water
and oxygen to form synthesis gas (syngas), a mixture of H2, CO, H20, CO2 . Other by-
products include gaseous impurities such as N2, Ar, HC, H2S, COS, NH 3, Hg, and CH 4,
as well as incombustible materials that are grouped together as slag.
Initially, coal particles are exposed to high heating rates that release moisture and gases
from the solid in a process called devolatilization or pyrolysis [29]. The solid that
remains after devolatilization is referred to as char. Combustible gases from
devolatilization establish a stable flame front near the fuel injector, which is necessary to
provide thermal energy to initiate char reactions.
The following char conversion reactions are responsible for the production of syngas in
the gasifier [30]:
Carbon partial combustion: C+ -02 <- CO (1.1)
2
Carbon gasification: C+H 20 ++ CO+H 2  (1.2)
C+C0 2 ++ 2CO (1.3)
C+2H 2 +-> CH 4  (1.4)
Carbon combustion is exothermic, and like volatile combustion, provides the thermal
energy necessary for the slower, endothermic gasification reactions. The oxygen supply
to the gasifier is limited to promote high CO and H2 yields.
The majority of commercial-sized IGCC plants use entrained flow gasifiers. Solid
feedstock and oxidant are added co-currently to the gasifier where they react at pressures
of 2-7 MPa and temperatures of ~1400'C. High temperatures are required to promote
high conversion rates in a short residence time. A carbon conversion rate of 99% can be
achieved using high purity oxygen as an oxidant, although some gasifiers require a
recycle stream to guarantee high conversion rates, such as in the ConocoPhillips E-Gas
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gasification process to be described. All entrained-flow gasifiers operate in slagging
mode, which means they operate above the ash fusion temperature. Ash particles are
inorganic compounds that are present in the gasifier in two forms: fly ash and slag.
Small particles of fly ash are separated by a cyclone after the gas is cooled. Slag is
formed when ash comes in contact with a surface above its fusion temperature, forming a
viscous liquid that can be captured reliably at the bottom of the gasifier. Entrained flow
gasifiers can handle a range of coal varieties, but high moisture or ash content drives up
the oxygen requirement to further combustion reactions, in order to evaporate the
moisture or melt the ash.
Solid particles are pulverized and injected into the gasifier as a coal-water slurry or dry
feed. Dry feed gasifiers, with their reduced steam input, have a 20-25% lower oxygen
requirement than slurry-fed gasifiers [31]. They are also able to handle low rank coals
with high moisture content. Coals with high ash melting temperatures are fluxed with
limestone in order to reduce the ash melting point, in turn, reducing the operating
temperature and oxygen consumption. The economic limit of ash content in coal is
approximately 20% for slurry-fed gasifiers, and 40% for dry fed gasifiers [31]. The
advantage of coal-water slurry feed gasifiers is pressurizing coal using a pump, as
opposed to using bulky and costly lock-hoppers in dry feed gasifiers. The pumps are also
more reliable.
Following the gasifier, the syngas must be cooled to approximately 30'C for mercury
removal using a pre-sulfided activated carbon bed [32]. For high temperature cooling
when the gas exits the gasifier (at 1300'C), heat exchangers can be used, or alternatively,
the syngas can be quenched using a water bath, injected fuel or recycled gas. Further
cooling to low temperatures is accomplished using indirect heat exchangers.
The external steel vessel of the gasifier is protected from the corrosive gasifier
environment and its high temperatures using either a refractory or membrane wall. In the
case of the refractory lining, layers of high-chromium firebrick and insulating brick
shield the external vessel. In operation, the surface temperature of the refractory lining
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remains above the ash fusion temperature so that a layer of flowing liquid slag forms on
the refractory. The gravity-driven liquid slag flow is easily collected at the bottom of the
gasifier.
In the case of the membrane wall design, the internal surface of the vessel contains a
layer of metal tubes, covered with a castable refractory mix to protect them from direct
radiation and slag. In operation, water is boiled in these tubes, maintaining their outside
surface temperature below the ash fusion temperature. As a result, a protective solid slag
layer forms over these tubes. Due to the insulating qualities of the solid slag, the surface
area of the solid increases as the solid layer thickens. When the solid layer is thick
enough, the outer surface temperature will climb to the ash fusion temperature and a
liquid slag film will form and begin to flow, arresting further growth of the solid slag
layer. As in the refractory lining case, the liquid slag is collected at the bottom of the
gasifier.
There are a variety of different entrained flow gasifiers with different syngas cooling
schemes. Proven commercial-size gasifiers for IGCC plants are the General Electric (GE)
process, Shell Coal Gasification Process (SCGP) and ConocoPhillips (CoP) E-Gas. A
schematic of each design is given in Figure 1-13, while their characteristics are given in
Table 1-2, to be discussed in the following sections. The Shell gasification process is
deemed the most reliable and efficient, but is also the most expensive of the three. The
GE gasifier has the lowest efficiency and is also the least expensive. Details of each
gasification process are given in the following sections.
1.5.1 General Electric (GE) gasification
The GE gasification process, acquired from ChevronTexaco in 2004, is one of the most
widely used gasification technologies, operating for over 45 years. It can handle a variety
of feedstock, including bituminous coal, heavy oils, petcoke, or blends of pet coke and
low-rank coals [6]. Coal is wet-milled to a particle size of ~100 pim, slurried with water
and pumped into the gasifier via a membrane piston pump. The slurry and pure oxygen
react in a down-flow gasifier to produce syngas with little hydrocarbon liquids. The
- 47 -
gasifier has a refractory wall, and operates between temperatures of 1200-1500'C and
pressures of 3-8 MPa. Lower pressures are typical for IGCC applications, and higher
pressures for chemical applications. Slag is collected and concentrated at a throat
between the gasifier chamber and the radiant heat exchanger, as seen in Figure 1-13. The
slag then drips off the throat surface, and drops through the radiant heat exchanger into a
water quench bath at the bottom of the gasifier. The solid slag is then removed from the
water bath using a lock-hopper.
Syngas cooling following gasification can take different configurations in the GE
gasification process. Immediately following the gasifier, a radiant cooler can be used to
cool the hot syngas to approximately 760'C by generating high pressure steam. The
radiant cooler is a counter-flow heat exchanger, where syngas flows down through the
center of a wall of vertical tubes lining the perimeter with the coolant flowing upwards.
Slag concentrated at the gasifier throat drips through the center of the radiant cooler
without making contact with tube walls. After exiting the radiant heat exchanger, the gas
can either be quenched in a water bath or in the former Texaco design, enter a horizontal,
fire-tube convective cooler. The radiant cooler can also be replaced with a much less
expensive quench water bath, useful for both cleaning the syngas, and, in the case of
carbon capture or chemical applications, to increase the H2:CO ratio. The addition of
water drives the water gas shift reaction forward. However, there is limited heat recovery
with a quench-only configuration.
The radiant/convective cooler combination is the most thermally efficient design, but
requires the most capital investment, and the fire tube convective cooler suffers from
periodic plugging. At the Tampa Electric Polk Power station, the high temperature heat
recovery exchanger downstream of the convective syngas coolers had to be removed for
that very reason [33]. After syngas cooling in each configuration, the syngas enters a
scrubber to remove chlorides and particulates.
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Figure 1-13: Schematic of different gasifier designs, adapted from [30]. From left to right: GE gasification, SCGP, CoP E-Gas.
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Table 1-2: Characteristics in the different gasifier designs.
Stages Feed Flow Reactor Primary Syngas
Wall Cooling
GE (formerly 1 Slurry Down Refractory Water quench or
Texaco) Syngas cooler
Shell SCGP 2 Dry Up Membrane Gas quench and
Syngas cooler
E-Gas 2 Slurry Up Refractory Chemical quench
I IIIII and Syngas cooler
The GE gasifier is the least expensive of the commercial gasifiers, but also has a high
maintenance cost, requiring regular refractory replacement. At the Eastman Chemical
plant in Kingsport, Tennessee, a second standby reactor is installed to reduce downtime
due to refractory replacement, which to a large extent, negates the initial low capital
expenditure of the GE gasifier.
1.5.2 Shell Coal Gasification Process (SCGP)
Shell's coal gasification technology uses an up-flow, dry-feed gasifier to produce syngas
consisting of only small amounts of carbon dioxide (C0 2) with no hydrocarbon liquids or
gases. Advantages of the Shell system are its ability to gasify a variety of different
feedstock from pet coke to low-rank coals and that it has a lower oxygen requirement
than slurry-fed, entrained flow gasifiers.
The layout of the Shell process is given in Figure 1-13. The coal is ground in a milling
and drying unit and pressurized in lock hoppers to be transported with an inert gas such
as nitrogen or CO 2. The gasifier typically operates at 1500'C and 3-4 MPa. The hot
syngas leaving the top of the gasifier is quenched with a cooled, recycled gas to harden
any molten fly ash. According to the NETL report, the temperature following the syngas
quench is 1093'C [34], while in literature, the exit temperature is reported to be 9000 C
[31]. The syngas enters a water tube syngas heat exchanger (with a proprietary design)
where high and medium pressure steam is generated. Fly ash after the syngas cooler is
removed using a candle filter or cyclone, and any remaining fly ash is further captured
downstream with a wet scrubber. Half the syngas exiting the syngas cooler is used as a
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recycle gas. An energy balance for the gasification process is given in Figure 1-14 [35].
Most of the energy from the coal is contained in the syngas, but approximately 15% of it
is captured by steam. Low-level heat represented by the cooling slag on the gasifier walls
is heat lost to the environment and the quench basin at the bottom of the gasifier.
The Shell gasifier uses a membrane wall covered with a refractory mix in order to protect
the metal wall from direct radiation and liquid slag [31]. The gasifier membrane wall is
said to have a 20-year lifetime, which rival other gasifier designs such as the GE design
that requires an expensive refractory replacement, done over a 30 day outage every 2-3
years [32]. Steam is generated in the tubes lining the membrane wall. Molten slag is
cooled along the gasifier walls and drips out of the bottom to a water bath where it
solidifies into a fine, inert, glassy black grit and is removed using lock hoppers.
2.0% Steam from reactor wall (reused)
12.8% Steam from syngas cooler (reused)
0.5% Unconverted carbon (fly ash/slag)
2.7% Low-level heat (cooling of slag)
18.0% Total
Raw synthesis gas
Figure 1-14: Energy balance for Shell coal gasification process.
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1.5.3 ConocoPhillips (CoP) E-GasTM process
The E-Gas process, developed by Dow and now owned by ConocoPhillips, uses a two-
stage, up-flow, slurry-fed gasifier design, as shown in Figure 1-13. A wide range of
feedstock is handled in this gasifier, including pet coke, sub-bituminous and bituminous
coal, and their associated blends. Two-stage gasification refers to a secondary injection
of the coal-slurry feed after the first (or bottom) injection. In the first stage, highly
exothermic reactions take place at 1316 -1427'C and 3-4 MPa using 75% of the total
slurry feed and pure oxygen. The hot syngas exiting the first stage provides energy for
the devolatilization and endothermic gasification reactions for the secondary injection of
coal. This process is referred to as a chemical quench, reducing the final exit gas
temperature to 1038'C [34]. Two-stage gasification has its advantages and
disadvantages. One advantage of the two-stage process is that it reduces the oxygen
requirement for coal gasification. In addition, a refractory wall is permissible in the
second stage because of its lower temperatures and non-slagging conditions. This
provides a cost savings over membrane walls used in slagging, single-stage gasifiers such
as the SCGP. Another advantage is that the exiting syngas is cooled below the ash fusion
temperature so that particles do not foul the downstream heat exchangers. A disadvantage
of the process is that a lower operating temperature increases the residence time and
reduces the per-pass conversion of carbon (char in Figure 1-13). The unconverted carbon
must be recycled back to the first stage, adding complexity. Furthermore, the produced
syngas has a higher CH4 content compared to other gasifiers, which is disadvantageous
from the point of view of carbon capture (captured in the form of C0 2).
Following gasification, the syngas enters a fire-tube boiler where it is cooled from
1038'C to 316'C. A fire-tube boiler is less expensive than a water tube design, an
advantage of the E-Gas design. Following cooling, particulates and chlorides are
removed from the cooled syngas in a cyclone collector and wet scrubber, and char is
recycled back to the gasifier.
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The refractory lining of the first stage has a short lifetime because of the high
temperatures experienced in the gasifier. Ash is cooled along the refractory wall in the
form of slag and exits from the bottom of the gasifier. Slag is quenched in a water bath
before being separated via a continuous pressure let down system, without the use of lock
hoppers.
1.5.4 Focus of present work
Various syngas cooling strategies are used in the different gasifier designs. In the GE
design, syngas cooled from 1300'C to 760'C is used to generate high pressure steam at
12.5 MPa and 330'C in a radiant heat exchanger. In the Shell and CoP designs, a gas and
chemical quench are used, respectively, to first cool the gas to 1000*C before being
cooled to 316'C in a syngas cooler that generates high and medium pressure steam. In all
of these designs, the significant temperature difference between the syngas and steam
leads to large inefficiencies.
This thesis proposes an innovation to better capture heat from high temperature syngas.
The challenge of going to high temperature is that the maximum allowable stress in these
tubes decreases with increasing temperature. A high temperature heat transfer fluid is
oftentimes accompanied by much higher wall temperatures, unless the thermal resistance
between the walls and fluid is sufficiently high to keep the walls at the same temperature
as the fluid inside them. To maintain high heat transfer rates from the tube wall to the
fluid, boiling steam is preferred inside a radiant heat exchanger. However, increasing the
steam temperature to reduce the losses in the heat exchanger is difficult to achieve,
because this is also accompanied by an increase in the boiling pressure and stresses on
the tube walls.
Using heat transfer fluids at low pressures as an alternative to high pressure steam leads
to lower tensile stresses on the heat exchanger tube walls, and therefore the tubes can be
taken to higher temperatures. Liquid metals, such as lead or lead-bismuth eutectic (LBE)
or molten salts can be used with conventional steel materials to improve heat recovery
and plant efficiency. To bring lead or lead-bismuth to temperatures of 700'C, an
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inexpensive composite material recently developed by Short et al. [36] can be used.
Molten salts can be used with conventional steels without the use of a composite
material, making this a less expensive option. Once heat is captured using liquid metal,
the high temperature heat is used to superheat steam at either the same pressure currently
used in the GE radiant heat exchanger or even higher, because tube wall temperatures do
not exceed maximum allowable temperatures. A capital cost assessment shows a small
payback time and improved revenue is achieved by using this technology, making this a
realistic option for gasification processes.
This work also analyzes the use of gas heat transfer fluids in the radiant heat exchanger.
Gaseous fluids can be heated and expanded directly in a turbine to generate power. Heat
rejected by the expanded gases can also be used to either heat steam or to preheat the gas
stream entering the radiant heat exchanger in a recuperator. Due to a high gasifier
operating pressure (between 3-8 MPa), gases in the heat exchanger tubes can also be
compressed to high pressure to ensure low tensile stresses on the tube walls. As a
consequence, thin-walled tubes can be used. However, tube wall temperatures will still
exceed the maximum allowable temperature of conventional stainless steels because of
the low thermal conductivity of gases inside the tubes. The tubes can be made of strong
ceramics such as chemical vapor deposition silicon carbide (CVD SiC). Preliminary
calculations indicate that the power output from using a gas coolant as opposed to a
steam coolant is, at best, the same. Further work is suggested to examine alternate cycle
designs to lead to increased efficiency gains.
1.6 Thesis contributions
The following contributions of this thesis are aimed at improving the IGCC plant
efficiency. The major loss sources within the plant are first quantified using exergy
analysis. These losses can be mitigated by improving the steam system within the IGCC
plant. An improved procedure to target the optimum steam system is presented in this
work. To reduce the losses within the radiant heat exchanger following gasification,
different heat transfer fluids and materials are proposed to capture the heat from high
temperature syngas at higher temperatures than the current state-of-the-art design.
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1.6.1 Quantifying dominant entropy generating components in an IGCC plant
. Losses are quantified using exergy analysis. The exergy destruction in the radiant
heat exchanger can be reduced using alternative heat transfer fluids and materials as
presented in this thesis.
. In an IGCC plant, where there is more available heat from cooling processes than
heat required by processes, heat integration between processes will not lead to
significant efficiency gains. The focus must be placed on improving process-to-
utility heat transfer, as presented in this thesis.
1.6.2 Improved targeting of the optimum steam system design
. Targeting the optimum steam system using pinch analysis techniques improves when
sensible heating of steam is included in the composite curves.
. Previous targeting procedures assume fixed steam headers. This work increases the
degrees of freedom of the steam system to improve efficiency.
. The mass flow rate for each steam pressure level varies as a function of temperature
in this approach due to the mixing of steam as it expands out of a turbine to a lower
pressure level. Doing so has not been considered in previous pinch analysis literature
and software.
- An IGCC plant with carbon capture is used to demonstrate the validity of the new
targeting approach. For the given case study, targeting results show that the steam
system can be better integrated with processes to improve plant efficiency by 1.7
points (5.4% increase).
1.6.3 Novel approach to harness high temperature heat in coal gasification
. High temperature syngas out of the gasifier is used to heat lead and LBE to -700*C,
instead of boiling water at 330'C
- Heat from the lead/LBE is used to boil or superheat steam at higher temperatures and
pressures than currently achieved in the radiant heat exchanger.
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. Using lead or LBE in the radiant heat exchanger leads to an IGCC efficiency
improvement of 0.75 points (2.4% increase). Payback time to implement this
technology is under a year.
. Molten salts can also be heated by the high temperature syngas in the radiant heat
exchanger, and achieve the same efficiency gains as lead or LBE. Molten salt and
tube materials are less expensive than using lead or LBE.
. Helium and CO 2 gas are also used to absorb heat from high temperature syngas to
generate power in a Brayton cycle with recuperation and heat rejection to steam.
. With a gas working fluid, no net gain in efficiency. Cycles that reject heat to
supercritical steam are suggested for future work
1.7 Chapter summary
This chapter motivates ongoing research to improve the efficiency of IGCC plants. One
focus of this thesis is improving the targeting method for the optimum steam system
design. The other is improving efficiency by absorbing heat at high temperatures from
cooling syngas following gasification. The next chapter will described simulations of the
IGCC plant, used to assess the dominant loss generating mechanisms.
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Chapter 2
Model Implementation and Exergy Analysis
2.1 Chapter overview
An IGCC plant was modeled upon baseline studies conducted by the Department of
Energy's National Energy Technology Lab (NETL) on the conversion of coal and natural
gas to electricity by Woods et al. (Case 2: General Electric Energy (GE) gasifier with
carbon capture) [34]. Aspen Plus software was used to simulate the IGCC plant because
of its proven performance in modeling non-conventional solids such as coal. This chapter
gives an overview of the model and quantifies the dominant entropy generating
mechanisms that leads to changes in efficiency.
2.2 Simulation
Steady state simulations of the IGCC plant were done using Aspen Plus 2006.5 software.
The model uses the Peng Robinson equation of state with the Boston-Mathias
modification (PR-BM) for physical property calculations for most of the IGCC process,
and a PC-SAFT method for the Selexol unit. Aspen Plus has built-in process models for
common components such as reactors, columns, heat exchangers, compressors, and
turbines. The implementation of the IGCC plant in Aspen Plus was developed by Field
for use by the BP-MIT Conversion Research Program [37]
A simplified diagram of the process is given in Figure 1-3 and a brief description of each
component is given in the following sections. More detailed information about the model
is given by Field [37] and Adams [38, 39]. The Aspen Plus flowsheet for the IGCC plant
and its corresponding units are given in Appendix A.
Illinois Bituminous #6 coal is fed into the gasifier at a rate of 227 t/h (5448 t/day),
composed of 11.12 wt % moisture, 63.75 wt % C, 4.5 wt % H, 1.25 wt % N, 0.29 wt %
Cl, 2.51 wt % S, and 16.58% ash. The plant has a net power output of 540 MW and
- 57 -
overall plant efficiency of 31.6%. Model parameters are summarized in Table 2-1,
including the inlet pressures and temperatures. The inlet temperature of the low pressure
steam turbine is based upon mixing of saturated LP steam with superheated steam from
the IP steam turbine. All multi-stage compressors involve inter-stage cooling.
Table 2-1: Parameters for IGCC plant modeled based on NETL baseline studies and
modeled in Aspen Plus.
Parameter
Illinois Bituminous #6 Coal HHV
Net Power Output
Steam Turbine Power Output
Overall Plant Efficiency
Gas Turbine efficiency
Compressor (Isentropic/Mechanical)
Turbine (Isentropic/Mechanical)
Steam Turbine efficiency
HP (Isentropic/Mechanical)
IP (Isentropic/Mechanical)
LP (Isentroipc/Mechanical)
Inlet Steam Turbine Pressures
High pressure (HP)
Intermediate pressure (IP)
Low Pressure (LP)
Inlet Steam Turbine Temperatures
High pressure (HP)
Intermediate pressure (IP)
Low Pressure (LP)
Value
1710 MW
540 MW
276 MW
31.6%
85/98.5%
89.8/98.8%
87.5/98.3%
89.5/98.3%
89/98.3%
12.5 MPa
2.9 MPa
0.45 MPa
538 0C
538 0C
2730C
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Table 2-2: Stream data for hot and cold streams in an IGCC
plant. HTC is the heat transfer coefficient.
Hot streams
Flue Gas
Radiant Heat Exchanger
Selexol cooling after stripper
Gas Cooler before Selexol - Unit 1
WGS cooler 1
LP CO 2 compressor
ASU - Air Compressor
Gas Cooler before Selexol - Unit 3
Gas Cooler before Selexol - Unit 2
ASU - N2 compressor
HP CO 2 cooling
Quench Heat
WGS cooler 2
Selexol - Condenser of stripper
HP CO 2 compressor
Claus Boiler
ASU - 02 Compressor
Claus - Sour water cooling
MP CO 2 cooling
Inlet
Temp
(0C)
560
1370
130
232
431
86
110
121
150
91
70
593
273
50
68
1208
91
120
85
Outlet
Temp
(0C)
132
593
39
150
232
30
32
39
121
30
30
210
232
49
30
338
31
100
30
Enthalpy
(MW)
536
203
96
95
79
76
72
39
30
27
20
16
16
11
10
10
9
9
7
HTC
(W/m2oC)
22
245
1167
200
278
175
200
200
200
74
534
141
287
200
250
200
122
200
124
103 30 5 193
270 49 4 200
338 193 1.46 200
112 35 1.45 0
122 30 1.10 314
Selexol - recycle gas from H2 S
concentrator
Claus - Tail gas cooling
Claus - Catalytic reactor 1
TAILGAS Compressor
Selexol - cooling of H2 recycle
stream
N2 cooling before Selexol
Claus - Catalytic reactor 2
Claus - Catalytic reactor 3
Cold streams
Heat H2S rich Selexol to release CO 2
Selexol - Reboiler stripper
Gas Turbine Syngas Preheating
ASU - N 2 heating
Claus Stripper
Claus - Acid gas preheat
Claus - Reheat gas before catalytic
converter 3
Claus - Reheat gas before catalytic
converter 1
Claus - Reheat gas before catalytic
converter 2
Claus - Oxygen preheat
Claus - Preheat sour water before
furnace
193 241 0.27
177
32
95
215 0.21
232
232
0.16
0.08
126
200
200
887
1389
257
200
29562
15
13
14
13
44
15
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91
286
228
26
130
26
91
127
49
160
30
177
160
105
131
241
196
127
232
232
0.82
0.71
0.39
96
49
33
17
9
1.30
0.38
i
Stream data for hot and cold streams for the IGCC plant are given in Table 2-2. The air
separation unit (ASU) is not included here, but is presumed to be an independent process,
optimized by manufacturers, and not requiring heat integration with the rest of the plant.
In addition, the heat transfers in an ASU typically occur at cryogenic temperature so that
is it not apparent how thermal integration of the ASU into the rest of the IGCC plant can
result in significant efficiency improvements. Heat transfer coefficients from all streams
were obtained by exporting the model to Aspen Hx-Net 2006.5 [38]. The heat transfer
coefficients were calculated in Aspen Hx-Net using stream properties and industry-
standard dimensions for a shell-and-tube heat exchanger.
2.2.1 Air Separation Unit (ASU)
A cryogenic air separation unit provides high purity oxygen (95 mol%) to the gasifier and
Claus process. About 2% of the oxygen out of the air separation unit (ASU) at 1 MPa
and 32'C is fed to the Claus unit, while the remainder is compressed using an multi-stage
compressor to 6.76 MPa and 91'C before being fed to the gasifier. The waste stream out
of the ASU (predominantly nitrogen) acts as a diluent for combustion in the gas turbine
to reduce the flame temperature for NOx abatement. Nitrogen is separated out of the
ASU at 1.26 bar and 0.39 MPa, compressed in an multi-stage compressor before being
heated and fed to the gas turbine at 3.17 MPa and 196'C. The air stream entering the
cryogenic distillation unit is compressed from ambient conditions to 1.31 MPa and 32'C,
using a multi-stage compressor with inter-stage cooling and water removal at each
compression stage. For simplicity, the air separation unit is modeled in Aspen Plus as a
separation block with the same output conditions as those given in the NETL baseline
studies by Woods et al [34].
2.2.2 Gasification
The gasification process is described in section 1.5. In the General Electric (GE)
gasification process, pulverized coal is mixed with water to form slurry that is injected
into the gasifier with pure oxygen from the ASU. In the Aspen Plus model, the
gasification process is greatly simplified. Coal is first decomposed into molecular
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chemical species, and chemical reactions in the gasifier are modeled using an equilibrium
reactor at 5.6 MPa and 1370*C. The hot syngas stream exiting the gasifier is cooled to
593*C by generating high pressure steam in a radiant heat exchanger. In later versions of
the NETL report [34], the exit temperature of the syngas from the radiant heat exchanger
was corrected to 760'C, since original findings over-estimated the degree of cooling.
Syngas then passes through a quench water bath to cool it further to 210*C. Water
evaporated in the quench cooler mixes with the syngas stream improving the H20:CO
ratio, which is advantageous before the syngas enters the water gas shift reactors. Slag
composed of silicon dioxide, aluminum dioxide, calcium oxide, iron oxides, potassium
oxide, amongst others [39] is assumed to be completely removed at this point.
2.2.3 Gas clean up
After leaving the gasifier, syngas enters a scrubbing unit to remove chlorides and
particulates; however, all solids are assumed to be removed in the gasifier in the form of
slag before entering the scrubber. Thereore, the syngas scrubber is modeled in Aspen
Plus as a separation block with 100% removal of HCl.
2.2.4 Water gas shift reactors
The water gas shift reactors (WGS) are used to convert CO to H2 via the water gas shift
reaction:
H20+CO <- H2 +C0 2  (2.1)
Additionally, hydrolysis of COS occurs in the WGS reactors via:
COS+H20 < CO2+H2S (2.2)
The required mole ratio of H20:CO before it enters the water gas shift reactors is 2:1 to
avoid coking in the reactor. Since the gas exiting the quench water bath has a ratio of
1.13:1, additional steam, extracted from the high pressure steam turbine at 6 MPa, is
injected into the gas. In the Aspen Plus model, two packed-bed reactors in series are used.
The first high temperature reactors operates between 230-430'C, and the second low
temperature reactors between 230-270'C. The gas stream exiting each reactor is cooled
by generating intermediate pressure steam. The conversion rate out of the first reactor is
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assumed to be 80% for CO, and 98% for COS. The conversion of CO to H2 in the second
reactor is governed by thermodynamic equilibrium, which gives an overall conversion of
96%. Widely-used, sulfur tolerant, catalysts include iron-chromium-based catalysts for
use in high temperature reactors and copper-zinc-based catalysts in low temperature
reactors [40].
Following the water gas shift reactors, gas is cooled to 39'C before removing mercury
using carbon bed adsorption. Condensed water is sent to the Claus process for treatment.
Mercury removal requires no heat integration from the rest of the plant and is therefore
not modeled in the Aspen Plus flow sheet.
2.2.5 Selexol process
Removal of H2S and CO 2 occurs in the two-stage Selexol process. Selexol TM is the acid
gas removal solvent licensed by UOP LLC (a Honeywell company) [41], which is a
mixture of polyethylene glycol dimethyl ethers [42]. H2S is selectively absorbed in the
first stage, and CO 2 is absorbed in the second stage. The Selexol solvent physically
absorbs acid gases through the action of mass transfer at the interface between the
substances. The solubility of each gas species differs depending on pressure, temperature
and its chemical potential in the solvent. Since CO 2 has low solubility in Selexol, it can
be removed using a pressure swing desorption method. H2S has higher solubility in
Selexol and requires heat addition at elevated temperatures (in the form of steam) in a
stripper to regenerate the solvent.
Figure 2-1 shows the Selexol configuration similar to that adopted in this work. The
description of the Selexol process begins with lean and semi-lean Selexol feed into the
CO2 absorber (1), where it absorbs 94% of the CO2 . A portion of CO 2-rich Selexol is fed
into the H2S absorber (2), while the rest goes through a series of flash drums to liberate
CO 2 (3). The gas separated from the Selexol in the first high pressure flash drum is
recycled and re-enters the CO2 absorber (4). The reason for this recycle stream is
because vapor from the high pressure flash drum contains substantial H2 which needs to
be recovered. About 3% of the H2 from the syngas gets absorbed by the Selexol in the
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CO2 absorber, although the solubility of H2 is 100 times less than CO2. After a series of
flash drums, semi-lean Selexol is reinjected into the CO2 absorber (5).
Meanwhile, the H2S/CO2-rich Selexol exiting the H2S absorber is pumped to a slightly
higher pressure (6) before fed into an H2 S concentrator where nitrogen is used to purge
gases, in particular, CO 2 (7). The gas stream exiting the concentrator is recycled back to
the H2S absorber (8) to reabsorb H2S, while the H2S-rich Selexol stream is sent to a
stripper to separate H2S from the Selexol solvent (9).
The H2S released from the solvent is sent to the Claus unit (10), while CO 2 is compressed
for export or sequestration (11). The amount of H2S recovered from the syngas is 99.5%,
which is delivered to the Claus unit with a 40% mole fraction. Less than 1% of the H2
from the syngas is removed, and less than 4 ppm of H2S and 4% of N2 are in the CO 2
sequestration product.
Alternative methods not used here to separate CO 2 from the syngas stream include
physical absorption using methanol in the Rectisol process. Chemical absorption is
possible using hydrotalcite (K2CO 3) in the Benfield process, amines (e.g. mono-ethanol-
amine MEA, methyl diethanolamine MDEA) [42, 43] or other compounds such as CaO
or K20. CaO and ZnO are also chemical solvents that can also be used to adsorb H2S
[43]. CaO chemically adsorbs CO2 at high temperatures of 690'C, and desorbs at 850'C
[44]. High temperature adsorption is desirable to prevent water condensation, which acts
as a diluent in the gas turbine. However, physical solvents are preferred over chemical
solvents because they are generally less corrosive and do not require heat addition for
desorption. Physical absorption outperforms chemical absorption for high CO 2
concentrations in high pressure syngas, such as in the current IGCC plant configuration.
- 63 -
(10) Acid Gas
to Claum
d o1e d MakCeup/KO lurn44 Purge
Relx Water
solventn
2.2.6 Clu processitoge
Untrained Absorber (
Sye Gas
Reowaaeri mi.l
Figure 2-1: EPRI configuration for Selexol process for H2S and CO 2 capture used to meet
desired H2 recovery and CO2 purity specifications [45].
2.2.6 Claus process
The H2S recovered in the Selexol process discussed above can be converted to
commercially useful sulfur compounds (Sx) using the Claus process. In this process, H2 S
is combined with oxygen in a furnace where two (exothermic) reactions take place,
H2S+ 3/2 02 -> H20+SO 2  (oxidation reaction) (2.3)
2H 2S+S0 2 <- 2H 2 0+3S. (Claus reaction) (2.4)
To ensure the furnace does not get too hot, the oxygen feed is below the stoichiometric
ratio (stoichiometric ratios would lead to a furnace temperature of 2400'C). The gas
exiting the furnace is at 1200*C and is used to generate low pressure steam. The gas
stream exiting the furnace enters a series of catalytic stages to convert the remaining H2S
to sulfur. Each catalytic stage includes a preheater, catalytic converter, and sulfur
condenser. Equilibrium is achieved in the furnace because of high kinetic rates, and in
the catalytic reactors due to the presence of a catalyst. The tail gas out of the last stage is
hydrogenated to convert any remaining SO2 back to H2S before it is recycled back to the
Selexol unit.
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Figure 2-2: Claus process.
The hydrogenation reaction for S02 is
SO2 +3H 2 +-> H2S+2H 20. (2.5)
Following hydrogenation, sour water condenses from a tail gas compressor and is sent to
a stripper to remove H2S, CO2 and NH3 gases. The gases are returned to the Claus
furnace, while the water is used for the coal slurry system.
2.2.7 CO 2 compression
The CO2 from the Selexol unit is extracted from flash drums at two pressures: medium
pressure CO2 at 1.1 MPa and low pressure CO2 at 0.15 MPa. The low pressure CO2 is
compressed to 1.1 MPa and 30*C via a multi-stage compressor before being combined
with the medium pressure CO 2 . The combined CO 2 stream is compressed to 2.1 MPa,
cooled and dehydrated using a TEG unit, (represented in Aspen Plus using a separator
block). It is compressed again, cooled and pumped to a liquid state with a pressure of
15.3 MPa before being fed into a pipeline. The CO2 is at high purity (96%) with low
enough water (500 ppm) and sulfur (58 ppm) content to meet pipeline limitations [46].
All compressors in this work are assumed to have an efficiency of 85% except for the
supercritical CO 2 pump, which is assumed to have an efficiency of 75%.
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2.2.8 Gas turbines
The gas turbine selected in the NETL baseline studies was based upon advanced F class
turbines. It was assumed that by the time IGCC plants with carbon capture were to be
deployed, commercially available gas turbines would be able to handle high hydrogen
content syngas [34]. Issues currently encountered in these machines include flame
stability, flashback and NO, formation. In the Aspen Plus model, hydrogen gas is
preheated and expanded in a turbine to extract work (from 5.6 to 3.2 MPa) before it
enters the turbine combustor. Hydrogen is mixed with the nitrogen diluent from the ASU
before being burned in the combustor with a compressed air oxidant to a temperature of
1315'C. Compressed air is also assumed to be used for blade cooling. Accounting for
blade cooling is modeled in Aspen Plus by mixing compressed air with the exit stream of
the combustor, lowering its inlet turbine temperature to 11 84'C, also reducing the power
output. After turbine expansion, the exhaust gas is still hot enough (560'C) to be used in
the heat recovery steam generation for use in a steam Rankine bottoming cycle.
2.2.9 Heat recovery and steam generation
Available heat from processes within the IGCC plant is used for steam generation and
boiler feedwater heating. Steam is used for electricity generation, process heating or feed
into the water gas shift reactors. A complex network of heat exchangers and turbines
were designed by hand by L. Duan and R. Brasington of the MIT Energy Initiative.
Automatically generating the heat exchanger was attempted in this work using Aspen Hx-
Net software to assist these designers, but the software was limited as will be discussed in
section 0. Each steam pressure level could not be divided into segments with different
specific heats, which is required when steam requires latent and sensible heating. The
flue gas from the gas turbine is used to preheat, boil and superheat multiple steam and
water streams in a heat recovery steam generator (HRSG), modeled in Aspen Plus with a
MHEATX block. MHEATX optimizes the heat transfer between streams by using pinch
analysis techniques described in section 1.4.1. All heat sources are combined into one
hot composite stream by adding stream enthalpies at the same temperature. This is
similarly done for all heat sinks to form a cold composite stream. The hot and cold
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composite streams exchange heat while respecting minimum approach temperature
restrictions. The exit stack temperature is maintained above the acid dew point
temperature (1 32'C).
2.3 Exergy (availability) analysis
A useful metric to determine the relative importance of entropy generating components in
an IGCC plant is to calculate the exergy destruction within the component, a quantity
derived from the first and second law of thermodynamics. The first law of
thermodynamics describes the conservation of energy, while the second law limits how
much of that energy can be converted to useful work. The concept of "availability"
introduced in the 1940s (a term made popular by the MIT School of Engineering [47],
later introduced in Europe as "exergy" [48], is the maximum amount of work that can be
extracted from a system as it passes from its given state to a state in equilibrium with the
environment [49], also expressed as the useful work potential of a system at a given
thermodynamic state. Exergy analysis has been used in various different applications,
including IGCC plants, to assess where the major loss sources are [51-53].
Three types of energy transfer can occur across a control surface:
1. Mass transfer
2. Work transfer
3. Heat transfer.
Each of these energy transfers correspond to an exergy transfer in or out of the system as
described in the following sections [50].
2.3.1 Exergy associated with mass flow
The exergy carried by mass can be derived by considering a control volume, where mass
enters at state '1' and leaves at state '0' in equilibrium with the environment. The first
and second law for an open system at steady state (neglecting changes in kinetic or
potential energy) is
First law: 0=Q-WT+rh -rhho (2.6)
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Second law: 0 = dQv +hs, -rso +g,, (2.7)
T
where:
Q heat transferred into the system per unit time
W work transferred out of the system per unit time
rh mass flow rate
h enthalpy per unit mass.
s entropy per unit mass.
T temperature
S 1  entropy generated per unit time.
The maximum work is obtained when the entropy generation is zero, i.e. Se =0. With
heat rejection to the environment, the second law can be rearranged as
Q = -Toh (s, -sO). (2.8)
Substituting this into the first law,
Wmax = th(h -ho)-Torh(s, -so). (2.9)
Thus, the maximum work per unit time that can be extracted from a system of mass as it
comes to equilibrium with its environment is equal to the exergy difference of the mass
entering and leaving the control volume. The exergy for a mass flow is defined as
*km =mh(h-Tos). (2.10)
which is a state function of both the mass and the environment.
2.3.2 Exergy associated with work transfer
The work transfer out of a system, such as shaft work or electrical work, is simply the
exergy out of that system
t = .haft (2.11)
Since shaft work is positive out of a system, the exergy transfer by work also carries the
same sign. If there is work done on the surroundings at the boundary of the system, the
exergy transfer out of the system is
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W=J/haftV+PO(V2 V1) (2.12)
where p is the pressure of the environment, and V, and V2 are the initial and final
volumes of the system. The second term is the work to against the atmosphere as a
system expands. However, work against the atmosphere does not occur in any process of
an IGCC plant because the volume of all systems remains constant.
2.3.3 Exergy associated with heat transfer
The maximum work that can be extracted from a heat source at a given temperature, T, is
equivalent to the work that can be extracted if a Carnot heat engine is operating between
that heat source and the environment. The Carnot efficiency represents the fractional
amount of thermal energy that can be converted to work. The exergy transfer by heat to a
system is calculated as
Z =J1-TO 4dA (2.13)
where the integral is carried out over the surface of the control volume. If the temperature
over the control volume is held constant at Ts, the integral can be simplified as
tZ = 1-o 4dA= 1-TQ (2.14)
where 4 is the heat flux per unit area across the surface of the control volume at the local
temperature is T. If the temperature of system is higher than the temperature of the
environment, i.e. T > T , heat transfer into the system increases its exergy, while heat
transfer out decreases its exergy. If T < T, the system is at a lower temperature than the
environment, and the maximum work is obtained by using a Carnot engine between the
system of interest (the cold sink) and the environment (the heat source).
2.3.4 Exergy destruction within an IGCC plant
The exergy destruction within a process, or irreversibility I, is equal to the entropy
generated within a system multiplied by the environment temperature, i.e. = Tsg.
The irreversibility for an open system is calculated as:
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I = T dQ + r h,(h, - Tos,) - rh, (h, - TAs W-shaft (2.15 )
T itm out (.5
The derivation of this expression is found in Appendix B. The first term on the right hand
side of the equation is exergy transfer by heat transfer, the second and third terms are the
exergy transferred by mass in and out of the system respectively, and the last term is the
exergy transfer out of the system by work. Substituting equations (2.10), (2.11) and
(2.13) into equation (2.15), the irreversibility can also be written as:
I-=Z +Ak -, -tW (2.16)
The exergy transfers in and out of a control volume can be seen in Figure 2-3.
The irreversibility was calculated for all components of the IGCC flowsheet in Aspen
Plus. It is desirable to not have heat transfers cross the boundary of the control volume
because the exergy transfer by heat, EP, is difficult to calculate for a non-constant
temperature process. Calculating the exergy transfer by heat requires knowledge of the
heat flux as a function of temperature, which is unavailable in the Aspen Plus simulation.
Therefore, a control volume is placed around each unit of the Aspen Plus model, as well
as its corresponding heat sink and source. For example, syngas is cooled from 1316'C to
593'C in the radiant heat exchanger and is used to generate high pressure steam. A
control volume is therefore placed around both the radiant cooler where syngas is being
cooled and heat exchanger where steam is being generated, as can be seen in Figure 2-4.
Control volume
To, PO
Figure 2-3: Exergy transfers across the bounding surface of a control volume.
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Figure 2-4: Control volume around two heater blocks representing a single heat
exchanger in the Aspen Plus model.
In the case where a process is not connected to its appropriate heat source or sink, some
approximations must be made. For example, cooling syngas after the water gas shift
reactor from 150*C to 121*C is not matched to a heat sink, but is presumably used to
preheat boiler feedwater. Instead, all boiler feedwater heating in the IGCC plant is
assumed to be satisfied by all low grade heat within the plant without doing the
appropriate accounting. In this example, the exergy transfer due to heat from the cooling
syngas is the difference between the maximum work that could have been obtained if the
heat was rejected to the environment minus the lost work when heat was rejected to the
boiler feedwater, i.e.:
E= 1-L 41,d- 1- B 2dA (2.17)
A, A2
The value of E in equation (2.17) is the potential work that could be obtained if the heat
rejected to the boiler feedwater (BFW) was used to run a heat engine between the boiler
feedwater and the environment. Since the heat flux as a function of temperature was
unknown, the temperature of the boiler feedwater, TBFW, was approximated as 800C
(average of 25*C and the BFW maximum temperature of 135*C), and the temperature of
the cooler was also taken as an average value. In this example, the approximation can
skew the overall calculated efficiency by ±0.2 points.
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The results of the exergy analysis of the IGCC plant that is diagrammed in Figure 1-3 are
given in Figure 2-5. A more detailed view of the air separation unit (ASU), the Claus
unit, the coolers after the water gas shift reactors (labeled COOL) , and the water gas shift
reactors themselves are given in Figure 2-6. The irreversibility in the Selexol unit was
not shown here because at the time of these calculations, the Selexol unit had been only
been modeled using a simple separation block. However, according to an IGCC plant
with carbon capture in the NETL report, the auxiliary load of the Selexol unit makes up
10% of the total auxiliary load of the plant, compared to 35% for the ASU main air
compressor and 16% for the CO 2 compression system. While this is not a negligible
fraction of the total power requirement of the plant, compared to the other components,
the Selexol unit is not a dominant entropy generating component.
Given the results of the exergy analysis, it to important to evaluate which of the dominant
entropy generating components can be improved. The greatest loss sources are in the
gasifier and gas turbine combustor, which is as expected, because combustion processes
are inherently irreversible. Chemical reactions in the water gas shift reactors and the
Claus unit are also unavoidable. Besides combustion, there are other loss sources that are
unavoidable due to economic, technological, physical and environmental constraints. For
example, losses in the compressor and turbines from friction and off-design operation are
constantly being improved by manufacturers. Mixing of streams at different temperatures
will predictably lead to exergy destruction. Furthermore, the presence of units to clean
the syngas stream, remove and compress CO 2 or convert H2S to sulfur in the Claus unit,
are necessary to limit the environmental impact of the coal gasification system, although
they reduce the efficiency of the plant.
It is not surprising that the Claus unit and the CO2 compression system have
comparatively less exergy destruction than the other units in the IGCC plant, since the
flow rate through these systems is a small fraction of the syngas flowing through the
other units.
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Separator Ai Comi
ASU
Pre-heating
Furnace Tail Gas
Treatmen
CLAUS
Boiler
Condensers
COOL
Cool 1 Cool Cool 3
WATER GAS
SHIFT
(% HHV Coal)
3.0
EXERGY DESTRUCTION (% HHV Coal)
Figure 2-6: Detailed view of the exergy destruction in four units of the IGCC plant.
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All heat exchangers are limited by cost, because to reduce losses (by reducing the
temperature difference between streams) requires a larger heat exchanger area. Large
inefficiencies are seen in the air separation unit (ASU), which is the largest parasitic load
on the IGCC plant. Heat transfer at the low temperatures in in the ASU lead to
significant exergy destruction. Alternative air separation technologies to cryogenic
separation are currently being developed, such as ceramic auto-thermal recovery [51] and
ion transport membranes [52]. The radiant heat exchanger and quench cooler are also
significant loss sources. The quench cooler replaces a convective cooler which suffered
from reliability and operability issues [33], and thus, losses in the quench cooler must be
tolerated. Losses in the radiant heat exchanger are due to heat transfer over a large
temperature difference, between syngas (high temperature of 1316'C) and high pressure
steam at 330'C. The maximum steam temperature is limited by material constraints to
prevent the tubes containing steam from exceeding their maximum allowable
temperature. The losses in the radiant heat exchanger can be improved and will be
addressed in Chapter 4.
The cumulative effect of small improvements in a number of components, such as the
water gas shift reactors, gas coolers, and steam plant could also largely impact efficiency.
However, the cost and reliability of these small changes may not make them
economically viable. The following section explores whether improvements in process-
to-process heat transfer to reduce exergy losses are possible.
2.4 Process-to-process heat integration
Exergy destruction within the IGCC plant can be reduced if heat integration is improved.
Heat integration includes process-to-process and process-to-utility heat transfers. The
process streams in the IGCC plant, including an updated Selexol model, are summarized
in Table 2-2. Some of the streams that require cooling are:
" Syngas in the radiant heat exchanger and quench cooler
* Flue gas exiting the gas turbine
e Water gas shift coolers between reactors
* Syngas before the Selexol unit
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" Claus furnace
* Lean Selexol cooler
* Multi-stage compressors
The streams that need to be heated (11 items) are:
* Pre-heater, reheaters and strip reboiler in the Claus process.
* Preheating H2 before an expander that precedes the gas turbine.
" Preheating N2 before gas turbine combustor.
" Sulfur-rich Selexol heater, and Selexol reboiler.
Aspen Hx-Net 2006.5 [38] was used to automatically generate a heat exchanger network.
A heat exchanger network (HEN) represents the system of heat exchangers, heaters and
coolers within the plant. Aspen Hx-Net is a tool that works in conjunction with Aspen
Plus to extract stream data and build the optimal heat exchanger network using pinch
analysis and mathematical optimization. The objective function to be minimized when
building the heat exchanger network is the total annualized cost (TA C) (in $/yr):
TAC=AxYjCC+OC (2.18)
where A is the annualization factor, CC is the installed capital cost of the heat exchanger
and OC is the operating cost based on the cost of the utilities. Details for this function are
given in Appendix C.
The results of the process-to-process heat transfer in the heat exchanger networks
generated by Aspen Hx-Net are summarized in Table 2-3. The maximum potential heat
exchange is achieved if all cold streams were heated by hot processes, amounting to 204
MW of process-to-process heat transfer. However, minimizing cost in Hx-Net indicates
it is preferable to have 190 MW of process-to-process heat transfer. The rest of the cold
processes are heated by using steam that was generated by hot processes. Steam in this
case acts as an intermediary heat transfer fluid. When constraints were imposed on the
heat exchanger network to remove impractical matches, the process-to-process heat
transfer was reduced to 152 MW.
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Table 2-3: Total heat load for process-to-process heat exchange in heat exchanger
networks generated in Aspen Hx-Net 2006.5.
Process-to-Process Heat Exchange
Maximum Potential 204 MW
Unconstrained HEN 190 MW
HEN with practical limits 152 MW
In the case of the unconstrained heat exchanger network, impractical heat exchanges
included cooling compressors using H2 gas and sulfur-rich Selexol streams. Flue gas and
sour gas were also as a heat source for reboilers. As many as ten streams could be used
to heat one process. The constrained heat exchanger network imposed that water only be
used to cool compressors, and a condensing fluid (steam) is used for reboilers. Sweet and
sour gas exchanges were not permissible, and a maximum of three streams could be used
to heat or cool a process.
In the constrained network, impractical heat exchanges continued to be prevalent. The
gas turbine pre-heaters (H2 and N2) were primarily heated by flue gas from the exit of the
gas turbine. This is not desirable because flue gas at low pressure has a high volumetric
flow rate, making heat exchangers for two gases large. To heat the sulfur-rich Selexol
stream, Hx-Net designated heat come from cooling syngas from directly after the water
gas shift reactors. However, a better heat source for the sulfur-rich Selexol stream is the
sulfur-lean Selexol cooler, located physically nearby.
Optimizing the heat exchanger network in Hx-Net was not explored further because of
limitations to the software. Hx-Net cannot design a heat exchanger network if streams
are segmented, i.e. have a varying specific heat as a function of temperature. In order to
build a heat exchanger network using this software, streams that underwent both phase
change and sensible heating were approximated with a constant specific heat. Steam, that
underwent preheating, boiling and superheating, was approximated with only boiling at
constant temperature. Low grade waste heat that could have been used to preheat boiler
feedwater was inaccurately rejected to cooling water.
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However, accurately modeling the steam system is necessary for to improve the
efficiency of an IGCC plant. Within an IGCC plant, the total available process heat is
much larger than the heat required by processes as seen in Figure 2-7. There is 1376 MW
of available heat from hot processes, and 204 MW of required heating by cold processes.
While optimizing process-to-process heat exchange can improve plant efficiency, the
largest improvements come from better matching the hot processes to their utility heat
sink, commonly steam. Since the Hx-Net software cannot accurately model steam when
designing a heat exchanger network, the software was abandoned. Another shortcoming
of the software was that the objective function to optimize the heat exchanger network,
and in particular, the steam system, could not be manipulated to include the revenue from
power output from generated steam.
With few process heat sinks, heat integration between processes could be done manually.
In fact, most process-to-process heat transfer was better served if steam (or water) was
used as an intermediary fluid for heat transfer (other than the example of the Selexol
streams described previously). Advantages to using steam as an intermediary between
hot and cold processes are to prevent sweet (non-sulfur containing) and sour (sulfur-
containing) heat exchange and to overcome limitations of the physical location of heat
exchangers within the plant. Boiling water also has the advantage of having a high heat
transfer coefficient, which means that tubes carrying boiling water will not get too hot if
they are in a high temperature environment. This allows the capture of heat from high
temperature sources, such as in the radiant heat exchanger in the GE gasification process.
Optimizing the steam system should therefore be a primary goal of improving IGCC
plant efficiency. This is examined in the following chapter.
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Figure 2-7: Process heating and cooling loads in an IGCC plant.
2.5 Chapter summary
A simulation of an IGCC plant was conducted using Aspen Plus software and the
irreversibility of each system component was calculated using exergy analysis. The
major entropy generating components of the plant were the gasifier and gas turbine
combustor, while other major loss sources included the radiant heat exchanger, quench
cooler, the air separation unit and the turbomachinery of the gas turbine. The exergy
losses in the radiant heat exchanger can be reduced by decreasing the temperature
difference between the hot syngas and heat transfer fluid in the heat exchanger. This is
the focus of Chapter 4.
An automatic heat exchanger network was built using Aspen Hx-Net. The resulting heat
exchanger network gave impractical results, and process-to-process heat transfer could
not be improved relative to the current model. However, with a surplus of necessary
cooling than heating of process streams within the IGCC, there is opportunity to improve
plant efficiency by efficiently harnessing this heat for steam generation, which is the
focus of Chapter 3.
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Chapter 3
Steam system design targeting
3.1 Chapter overview
Here, an IGCC plant with carbon capture is analyzed to assess the effect of the steam
cycle design on the plant efficiency and cost. A number of steam cycle designs are
selected and are assessed against each other. By including sensible heating in the
balanced composite curves as opposed to constant temperature plateaus alone gives an
improvement in efficiency of over 3 points. By relaxing the constraint of fixed steam
headers and varying the steam reheat temperatures, the plant efficiency can be increased
by 1.35 points.
3.2 Steam system modeling in pinch analysis
Pinch analysis targeting has been described in section 1.4.1, where composite curves are
formed from the hot and cold processes within a plant. When there is predominantly
more available heat from cooling processes than processes that require heat, steam can be
generated and used for power. To target the desired steam cycle configuration in a plant
using pinch analysis, the entire water/steam isobars (i.e. the sub-cooled water, boiling and
vapor segments) are included in the balanced composite curve. This is in contrast to
previous work that has modeled each steam pressure using its latent heating alone.
Examples of the composite curves generated under these two methods are shown by the
curves labeled 'steam' in Figure 3-1. The steam curves (also referred to as the cold
composite curve) in Figure 3-1 are formed for steam at three different pressure levels and
used to absorb available heat from an IGCC plant. In Figure 3-la, the steam pressure
levels are modeled as constant temperature plateaus, while in Figure 3-lb, sub-cooled and
superheated steam are included in the steam composite curve. The heat that is not used
for steam generation or boiler feedwater heating is rejected to cooling water, not included
in the cold composite curve. The advantages to including sensible heating in the
balanced composite curve are given in the following section.
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Figure 3-1: Balanced composite curves where steam at three different pressure levels is
used to absorb available heat from an IGCC plant. The cold composite curve is modeled
in (a) as constant temperature plateaus, as in previous work, and in (b) to include sensible
heating, as outlined in this thesis.
This work also assumes flexibility in the steam system design by not constraining steam
to exist in headers at a fixed thermodynamic state; instead, steam can be routed from one
heat exchanger to the next. Choosing not to use fixed steam headers, as assumed in total
site analysis, expands the solution space in the optimization problem of the steam cycle
for a plant. In total site analysis, the thermodynamic state in each steam header is defined
by the exit state of the turbine linking the two headers. An example of this can be
represented on a temperature-entropy (T-s) diagram as in Figure 3-2a. The HP steam is
superheated to point 2, expanded to IP steam at point 3, where it mixes with generated IP
steam. IP steam is then expanded to point 4, mixes with LP steam and is expanded to
point 5. In contrast, the steam power island can take various different forms as in Figure
3-2b,c. In Figure 3-2b, HP steam is expanded from point 2, mixes with IP steam at point
3 and reheated to point 4. The LP steam level experiences no reheat. In Figure 3-2c, all
streams experience a certain degree of reheat. IP steam mixes with LP steam at point 5,
and is reheated to point 6.
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Figure 3-2: Temperature-Entropy diagram of steam with three different steam cycle
configurations (a) No Reheat of IP or LP steam, (b), Reheat of only IP steam, (c) Reheat
of IP and LP steam.
With fixed steam headers of given pressure (Figure 3-2a), variation in the steam cycle
only occurs by changing the maximum superheat temperature of the HP steam level.
With increased flexibility in the cycle design (Figure 3-2b,c), the are more degrees of
freedom: one maximum superheat temperature, and two reheat temperatures. The
increased degrees of freedom allow for better optimization of the steam cycle to match
the heating and cooling requirements of the processes. Other changes that can be made to
improve efficiency are varying the number of steam headers, as well as their
corresponding pressure. The steam cycle is not limited to those given in Figure 3-2, but
can include other configurations, such as expanding both HP and IP steam to the LP
level, further adding possible solutions and degrees of freedom to the steam cycle
optimization. Reheating steam requires added complexity to the steam piping as opposed
to using fixed headers, but if a heat exchanger network can be well-designed, the
implication of reheat leads to improved plant efficiency.
3.3 Advantages to including sensible heating
The approximation of using constant temperature plateaus to represent each steam level
breaks down at high pressures, since more heating is required in the sensible heating or
cooling of steam than in the latent heat. In Figure 3-3a, the normalized heat input
required to preheat, boil and superheat steam from 30*C to a given superheat temperature
is calculated at different pressures. The maximum superheat temperature for each steam
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pressure level is diagrammed in Figure 3-3b, where each steam pressure is heated from a
subcooled liquid at point 1 to its superheat temperature, points 2-5 for steam pressures of
22 MPa, 12.5 MPa, 2.9 MPa and 0.45 MPa respectively. The highest pressure level was
chosen to be just below the water critical pressure, and the other pressure levels are
consistent with the pressures chosen in the IGCC plant of the NETL report described in
section 2.2. Above 12.5 MPa, the maximum superheat temperature is 600*C (points 2
and 3 in Figure 3-3b), and is consistent with current material constraints. For pressures
below 12.5 MPa, the assumed maximum superheat temperature for each pressure level is
determined by taking the high pressure steam (HP) at 12.5 MPa and 600'C (point 3) and
expanding it sequentially to each pressure level through a turbine with 85% adiabatic
efficiency. In Figure 3-3b, the 12.5 MPa is expanded to point 4 at 2.9 MPa, and then to
point 5 at 0.45 MPa. Expanding from a higher steam pressure level to a lower steam
pressure to define the maximum superheat temperature of each pressure level is the
assumption taken in total site analysis. As can be seen in Figure 3-3a, the heat for
preheating and superheating is larger than the heat for boiling at high pressures. For the
IGCC plant considered in this work, the high pressure steam level is 12.5 MPa, and the
fraction of the heat to warm a water particle to a saturated liquid is 40%, the boiling
requires 33%, and the superheat requires 27%.
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Superheat 500 p2 = 12.5 MPap3 = 2.9 MPa
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Figure 3-3: The normalized heat input to heat each water stream from 30'C to a given
superheat temperature.
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Another advantage of including the sensible heat into the steam curve is to allow for
better thermal matching between process streams and the steam stream. The reduced
temperature difference in the heat exchangers, that the inclusion of sensible heat affords,
reduces the entropy generation in the system's heat exchangers. Thermal matching refers
to maintaining a small temperature difference between two streams along the length of
the heat exchanger. Maintaining a small and constant difference for two streams along
the length of a heat exchanger is depicted graphically on a temperature-enthalpy (T-An)
diagram by streams with parallel slopes.
By considering sensible heat in the steam curve, the best water route to pick up waste
heat can be targeted. It also ensures that there is enough available heat to do all the
preheating and superheating to run a steam Rankine power cycle. During the pinch
analysis targeting procedure, each portion of the composite curve that includes sensible
heating will be best matched to its optimum heat source or sink to define the desired
steam path. A well-designed steam path makes efficient use of high temperatures such as
those available in a heat recovery steam generator (HRSG), since water may be heated to
its saturation temperature and potentially evaporated by low temperature waste heat
streams before entering the HRSG. The HRSG can then be used for high temperature
evaporation or superheating.
In addition, changes to the steam power cycle will be visibly accounted for in the steam
composite curve by changing the slope of its superheated portions. This is exemplified in
Figure 3-4. In the T-AH diagram of Figure 3-4a, the hot process curve is being cooled
by generating high pressure (HP) and intermediate pressure (IP) steam. The two cold
curves represent two different steam cycle configurations, as shown in the T-S diagrams
of Figure 3-4b,c. In Figure 3-4b, the HP and IP steam are both superheated to the same
maximum temperature and are expanded to the condenser pressure. In Figure 3-4c,
however, the HP steam is superheated to point 2, expanded to the IP pressure level where
it mixes with IP steam at point 3 before being reheated to point 4. The addition of mass
flow at point 3 to the IP steam pressure level causes the slope of the composite curve to
become shallower at high temperatures, since the rate of enthalpy change per unit
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temperature is proportional to the mass flow rate. This causes the hot and cold steam
composite curves to get closer together, reducing entropy generation while increasing the
required heat exchanger area. Depending on the shape of the process composite curve on
a T-AH diagram, flexibility in the steam power cycle can lead to better thermal matching
and recovery of process heat. To accurately account for these changes of the steam cycle
design in the composite curves, the mass flow rate for each steam pressure level must be
able to vary as a function of temperature. This has not been considered in previous pinch
analysis literature or software.
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Figure 3-4: Different steam power cycles leading to changes in steam composite curve. (a) Steam is generated from process heat at
2.9 and 12.5 MWa based on steam cycles designs in (b) for no mixing between steam streams, and (c) for mixing with the exhaust of
the HP turbine with IP steam. The schematic in (d) and (e) represent the temperature-entropy diagrams of (b) and (c) respectively.
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3.4 Selecting the optimum steam cycle design
The optimum steam cycle design for any plant will maximize profit, which is revenue
minus the annualized capital cost.
Profit per annum = Revenue - Annualized Capital Cost (3.1)
The profit optimization function depends on the plant of interest. For example, in a
chemical plant, the revenue is derived from chemical products; in a cogeneration plant
revenue is generated from both electricity and products, and for a power plant, such as an
IGCC plant, revenue is simply from electricity. The annualized capital cost includes the
cost of the heat exchanger network, cost of utilities (fuel, cooling water, air, electricity
from the grid) and other plant equipment (pumps, turbines, deaerators, etc.).
In this work, the profit is equal to the revenue from work generated minus the annualized
capital cost of the turbines and heat exchangers. The objective function we would like to
maximize is
Profit per annum=W -te COE -A.(CHEN +Ctb) (3.2)
where Wste is the electric power output from the generator in kWh over one year, COE
is the cost of electricity to the consumer per kWh, A is the annualization factor, CHEN is
the heat exchanger network (HEN) cost and Cturb is the turbine cost. The first term on the
right hand side of equation (3.2) is the revenue from generating electricity from the steam
turbines. The second term is the annualized capital cost of the heat exchangers and the
turbines, with an annualization factor of 13% (based on a discount rate of i=12% and
plant life of n=20 years). The annualization factor is calculated as [10]
A-i(1+i)" 33
A =.(3.3)
(1+i)" -1
The cost of fuel can be included in the profit optimization function, but for the purpose
of this work, a fixed fuel cost is assumed, i.e. fixed processes for which we are
determining the best steam cycle design to match it. The cost of other components is not
considered here because they do not vary with changes in steam cycle design, such as the
cost of de-aerators. Although the number of pumps change with the number of steam
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pressure levels, their relative cost compared to the cost of heat exchangers and turbines
was deemed negligible. Furthermore, changes in the cost of cooling water is also
relatively small, since the cost of water in itself is negligible, and the difference in the
amount of water required between design with the same fuel input is also small.
Also not included in the calculated profit of equation (3.2) is the piping and pumping
costs. These costs become particularly important when determining the layout of a new
plant. To minimize piping costs and maximize efficiency, the optimum steam cycle
design through the plant is first determined using the profit objective function without
piping costs. Based on these results, the physical arrangement of plant components is
selected to minimize piping while optimizing the steam path to absorb as much waste
heat as possible. For existing plants, more detailed accounting of these costs is required
in the profit objective function since steam may have to travel long distances to absorb
heat from multiple processes.
To choose an optimum steam cycle design, the first step requires forming composite
curves of the plant to assess the heating and cooling requirements. Then, a number of
different steam utility systems can be designed to meet the process needs. Decisions in
the steam cycle design include the number and pressure of the steam levels, the degree of
superheat or reheat for each pressure level, as well as the turbine layout. A good initial
guess for the steam pressure levels can be obtained from the grand composite curve. In
order to select possible steam turbine layouts, a method similar to that outlined by Raissi
can be used to choose between backpressure or condensing turbines, turbines in sequence
or in parallel, extraction turbines or a let-down valve, if this reduces capital costs [15].
Raissi used the site utility grand composite curve, diagrammed in Figure 1-12 to choose
between alternative turbine layouts. The site utility grand composite curve was not used
in this work because the turbine layout was chosen to be turbines in sequence, consistent
with NETL baseline studies for IGCC plants. This turbine layout is expected to be
optimum because it maximizes the mass flow rate through each turbine and reduces the
moisture content in the steam by reheating at intermediate pressures, as opposed to
expanding each turbine directly to the condenser.
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Figure 3-5: Calculating the network area from balanced composite curves by subdividing
the curve into 'k' enthalpy intervals.
Once a steam cycle is designed, the segments of the steam cycle that require heating or
cooling can be added to the hot or cold composite curves respectively to form balanced
composite curves. The mass flow rates of the steam are varied until the desired pinch
point temperatures are achieved. After forming the balanced composite curves (here
using code developed in this work and discussed in section 1.4.1), the targets for the
power output, the area of the heat exchanger network and the cost of the turbines are
calculated. Then the most profitable steam cycle design is selected.
To calculate the total heat exchanger network area, two balanced composite curves as
given in Figure 3-5 are assumed to exchange heat in a counter-current configuration [10].
The balanced composite curve is divided into 'n' enthalpy intervals, and the heat
exchanger area in each the "//h, interval is (assuming the overall heat transfer coefficient
U is constant within that interval):
Aneork,k - A (3.4)
UATLMTD,k
where
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T T
Aneorkk heat exchange area for heat transfer required by interval k
AHk enthalpy change over interval k
A TLMTDk log mean temperature difference for interval k
U overall heat transfer coefficient in interval k
The total network area is the sum of the interval areas or
l n intervals
Anetwork E ~AATor = (k (3.5)U k ATmTD, k
If the overall heat transfer coefficient is not constant, the expression can be extended to
include the heat transfer coefficients of the individual streams and the heat exchanger
network area is calculated as:
n intervals hot streams cold streams a
Arh,,,,s-- ' + ' (3.6)
LMTD,k h j h
where
qik heat duty of hot stream i in enthalpy interval k
q 1 ,k heat duty of cold stream i in enthalpy interval k
h,, hj heat transfer coefficients for hot stream i and cold streamj
This expression is called the Uniform Bath Formula [53], where hi is the heat transfer
coefficient and q, is the heat transfer for stream 'i' in interval 'k', and ATLMTDk is the log
mean temperature difference in interval 'k'. The minimum number of heat exchanger
units if there are no pinch points is one less than the number of process streams and
utility streams [54]. Since each process must be at least linked to one other process or
utility then the number of heat exchangers must be at least the number of processes plus
utilities minus one (for example, two streams only require one heat exchanger). Since
heat transfer should not occur across a pinch point (see section 1.4.1), the total number of
units, Nunits, is equal to the sum of the minimum number of units in each region between
pinch points, written as
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Nunits = I (Nprocess +Nutilities -1) (3.7)
betweenpinch
where Nprocess is the number of process streams and Nutilities is the number of utility
streams. It is assumed that the total area calculated from (3.6) is equally distributed
amongst the total number of heat exchangers, which gives good prediction of the capital
cost of the heat exchanger network (HEN) [55], so that the area of each heat exchanger is
Area = Anetwork /N ..,, . This assumption of equal-sized heat exchanger is valid because
most heat exchangers involve syngas, which will be the dominant thermal resistance for a
heat exchanger and dictate the size of the heat exchanger. The cost of each heat
exchanger, Cunit , is obtained from the following power law relationship of area taken
from Smith [10] for a shell and tube heat exchanger, brought to early 2010 using the
Chemical Engineering Plant Cost Index CEPCI [56] and given as
0.68
Area
unit =3.73x104$ (3.8)
where Area is in units of M2 . As the pressure of the steam increases, heat exchangers
require thicker tube and/or shell walls, and hence are more expensive. To account for the
increase in expense of the heat exchangers with increasing pressure, the cost of heat
exchangers is multiplied by an empirically derived constant called a pressure factor.
Pressure factors are tabulated as a function of pressure as given in Guthrie [57] and Smith
[10] and are given in Table 3-1. In this work, an overall pressure factor is calculated as a
weighted-average of each steam level's pressure factor by the steam heat load:
steam levels
P -qsteam,j
Overall Pressure factor = (3.9)
where P is the pressure factor and qsteam,j is the head load of steam levelj.
The cost for the heat exchanger network is thus the number of units Nunits, multiplied by
the capital cost of each heat exchanger and pressure factor
CHEN = Nunits 0C unit -Overall Pressure factor. (3.10)
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Table 3-1: Multiplicative pressure factors as a function of pressure.
Pressure (MPa) P
0.1 1
2 1.1
2.75 1.25
6.9 1.55
10 1.9
The cost of each turbine depends on its operating conditions. In the case study that
follows the cost of the turbines were scaled from the NETL baseline studies [34]. The
capital cost of the turbine includes auxiliaries, accessories and piping costs, materials,
labor, engineering and construction management, and contingencies (process and
project). The turbine cost is brought to early 2010 values also using the CEPCI [56], and
the cost is scaled with the power output using the correlation given by Martelli et al [58]
as
.sea 0~.67
C,,s=6. 106$ *steax " 06 (3.11)
tub 66.3x 274.7 MW)
where isteam is the steam turbine power output in units of MW. The work from each
steam turbine is calculated using an overall efficiency of 85%, the product of the
isentropic, mechanical and electrical generator efficiency. This efficiency is assumed if
the turbine operates entirely in the gas (or steam) phase. If the exit state of the turbine is
two-phase, a decrease in turbine performance is expected. The Baumann rule [59]
accounts for this decrease in performance by multiplying the single-phase efficiency,
'9turb,single-phase , with the average quality in the turbine. In this work, since the quality out of
the turbine is close to unity, the quality at the exit is used in the Baumann rule so that the
efficiency of the turbine, ,lturb, can be written as
'
t turb = flturb,single-phase Xexit (3. 12)
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where xexa is the quality at the exit of the turbine. To calculate the revenue from power
output, the cost of electricity is 9.43 cents/kWh as taken from the U.S. Energy
Information Administration report dated February 2010 [60].
To summarize, in order to select an optimum steam utility system:
1. Form composite curve of system processes.
2. Select the number and pressure of steam levels, and the maximum superheat and
reheat temperatures (dependent on process temperatures).
3. Select possible designs for steam turbine layout (backpressure or condensing
turbines, sequential or parallel expansions, let-down valves, extraction turbines;
similar to Raissi [15]).
4. Form balanced composite curves, vary mass flow rates of steam to get desired
pinch points
5. Calculate the cost associated with the steam island.
a. Cost of heat exchanger area network
b. Cost of turbines
6. Determine power output and its associated revenue.
7. Choose design that maximizes profit.
In this methodology, optimizing the best steam system design depends on the initial
number of configurations chosen to form the solution space.
3.5 Case study - IGCC plant with carbon capture
Optimum steam generation was assessed for an IGCC plant with CCS based on the
NETL report as mentioned previously for Case 2, the General Electric Energy IGCC
plant [34]. There are predominantly more heat sources than heat sinks in the plant,
making this a useful flowsheet to assess optimum steam generation. The composite
curves for the IGCC plant are given in Figure 3-6. The system was modeled with Aspen
Plus 2006.5 software, and the heat transfer coefficients were obtained by exporting the
model to Aspen Hx-Net 2006.5 as described in Chapter 2. The plant has a net power
output of 540 MW, a steam power output of 276 MW, and overall plant efficiency of
31.6%. In a typical IGCC plant, heat sources do not only generate steam for power
-92 -
generation, but also to be used in the water gas shift reactors. This is accounted for in
section 3.6, but at present, the analysis uses the IGCC plant as a case study to elucidate
the proposed improvements to pinch analysis targeting for the steam system by only
assuming the heat sources are used to generate power.
The ideal power output can first be calculated by assuming each segment along the hot
composite curve in Figure 3-6 acts as the heat source for an ideal Carnot power cycle,
and each segment along the length of the cold composite curve acts as the heat sink for an
ideal heat pump. Both the heat pump and power cycle are assumed to interact with the
environment, and the ideal power is integrated as a function of enthalpy rate as
hot dH- O '1- 8 d29 (3.13)0 Thot H'incold cold
where
Hmaxhot maximum enthalpy rate of the hot composite curve
Hmax,cold maximum enthalpy rate of the cold composite curve
Hmin,cold minimum enthalpy rate of the cold composite curve
To, temperature of the hot and cold process in interval dH
Told temperature of the cold process in interval dH
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Figure 3-6: Composite curves for an IGCC plant modeled upon NETL baseline studies.
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The first integral is evaluated for the hot composite curve, and the second integral for the
cold composite curve. For the composite curves given in Figure 3-6, the ideal maximum
power output is 560 MW.
However, the ideal power output as calculated from equation (3.13) cannot be achieved
in practice because entropy is generated as heat is transferred to steam, the working fluid
of the power cycle. The intent here is to calculate the power output from the steam cycle
using the proposed approach and previous methods. To this end, three methods to model
the potential steam cycles will be considered. The three methods are:
Method #1: Steam levels modeled in the composite curves as constant temperature
plateaus based on saturation temperature, as done in works by [8, 9, 14-17].
Method #2: Headers of fixed temperature and pressure, with a cascade of turbines
expanding from one pressure to the next (as in Figure 3-2a). This layout is assumed in
total site analysis, where sensible heating is not assessed [15, 17].
Method #3: Flexibility in steam cycle design, where streams can be reheated before
expanding again, which is the method advocated here.
The steam pressure levels are taken to be 12.5 MPa (high pressure or HP steam), 2.9 MPa
(intermediate or IP steam), and 0.45 MPa (low pressure or LP steam). The composite
curves generated for Method #1 are shown in Figure 3-7a, while those of Methods #2 and
#3 are plotted together in Figure 3-7b. The hot composite curve is the same as that
shown in Figure 3-6, but the maximum plotted temperature has been reduced so that the
high temperature segment is no longer visible. The cold composite curves include cold
process streams and the steam cycle designs of Figure 3-2. The values of the reheat and
superheat temperatures for each steam pressure are summarized in Table 3-2. The reheat
temperature of the LP steam for the case "All Reheat" is chosen such that the condition at
the exit is saturated steam. The pinch temperatures for HP, IP and LP steam are 20'C,
15*C, and 12'C respectively.
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Table 3-2: Steam pressures and temperatures for the three steam system layouts
diagrammed in Figure 3-2. Minimum temperature is 30*C.
Pressure Saturation Maximum Temperature (C)
(MPa) Temperature (*C) No Reheat No LP Reheat All Reheat
12.5 329 600 600 600
2.9 232 387 600 600
0.45 148 186 349 407
To calculate the power output for Figure 3-7a, where the steam levels are modeled as
constant temperature plateaus, the method according to Linnhoff and Dhole was used
[16]. Their method is used to allow a direct comparison between previous work and the
current method. In the procedure outlined by Linnhoff and Dhole, the ideal work is first
calculated by assuming steam is used in a Carnot cycle, and then a seemingly arbitrary
exergetic efficiency is applied to relate the ideal shaft work to the actual shaft work [16].
This exergetic efficiency reflects the losses in their assumed turbomachinery. The actual
shaft work is calculated from the ideal shaft work using
Ictual =11ex,turb deal . (3.14)
Following Linnhoff and Dhole, the exergetic efficiency used here is the same efficiency
of the turbines in Method #2 and #3, namely 85%. The value of the exergetic efficiency
is consistent with the value chosen by Raissi [15] who uses an arbitrary exergetic
efficiency of 80% to compare his work to that by Linnhoff and Dhole. In this work, the
inlet and exit temperatures of the steam turbines are directly known, and therefore, the
power output can be calculated more accurately.
3.5.1 Results
The surface area of the heat exchanger network (HEN), power output and profit are
calculated from the balanced composite curves in Figure 3-7, and are given in Table 3-3.
The approximation of constant temperature plateaus to represent steam heating in the
balanced composite curve, compared to when sensible heating is included, gives a lower
target value for both the power output and the HEN area.
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Figure 3-7: Composite curves with (a) steam approximated by its saturation temperature,
(b) steam composed of preheating, boiling and superheating. High temperature process
heat, visible in Figure 3-6, is beyond the ordinate axis limit.
Increasing the reheat temperatures in Figure 3-7b causes the slope of the sensible heating
segments at low temperatures to increase (<329*C), but to decrease at high temperatures
(>329'C). An increase in reheat temperature leads to an increase in the enthalpy change
per unit mass for that steam level, while the total heat absorbed remains relatively
unchanged. To maintain the same total enthalpy for the steam level, the mass flow rate of
IP and LP steam must decrease. As described in section 3.3, decreasing the steam mass
flow rate causes an increase in the slope of the composite curve. Therefore, at low
temperature, the slope of the sensible heating curves increases because the mass flow rate
in that temperature range has decreased. At high temperature (from 329-600*C), the
slope of the composite curve decreases because the composite curve includes the
combined enthalpy change of IP and HP steam. In this temperature range, the mass flow
rate of the IP steam level is higher than at lower temperatures because HP steam is
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expanded through a turbine to the IP steam level and mixes with the steam at that
pressure before being reheated.
To compare the cases in Figure 3-7b, an increase in the reheat temperature of the IP and
LP steam levels increases the power output and decreases the HEN surface area. The
decrease in HEN area is due to a steeper slope in the balanced composite curves near the
pinch points. A steeper slope causes the temperature difference between the hot and cold
composite curves to increase. With a larger temperature driving force for heat transfer,
the heat exchanger surface area decreases. Although the hot and cold curves move closer
together at high temperatures with an increase in reheat temperatures (which would have
the effect of increasing the HEN area), the dominant effect on the HEN surface area is the
changing slope near the pinch points. The integrated area as a function of enthalpy in
Figure 3-8 shows a larger increase in area near the pinch points when there is no reheat
compared to the case with reheat. At higher temperatures, the area continues to increase
for the case with reheating IP and LP steam, but it does not increase enough to match the
total area of the no reheat case. The slope of the curve in Figure 3-8 is given in Figure
3-9, where the largest change in area is found near the pinch points. The area increase,
with increasing enthalpy, is greater for the no reheat case between pinch points than for
the reheat case, while this is reversed at higher temperatures (or enthalpies). This
demonstrates, once again, that the regions close to the pinch points have the largest
impact on the calculated heat exchanger network area.
Table 3-3: Targets for an IGCC plant with carbon capture with various steam cycle
designs. The improvement in plant efficiency is with respect to the plateau
approximation.
Work HEN Area Profit Efficiency y points
(MW) (M2) (millions $/yr) improvement
Cold + Steam
Plateau Approx. 310.34 6.19e5 236.16 33.59 --
No Reheat 343.19 8.74e5 256.45 35.51 1.92
IP Reheat 363.28 8.19e5 274.40 36.68 3.09
IP and LP Reheat 366.34 8.08e5 277.33 36.86 3.27
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Figure 3-8: Integrated area as a function of enthalpy for the composite curves given in
Figure 3-7b. The red data points represent the pinch points.
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Figure 3-9: Slope of the curve given in Figure 3-10, which represents the change in area
per unit change in heat load of the composite curves. The three peaks in the curve
represent the large area change at the pinch points.
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For the IP and LP reheat case, the power output increased slightly because the LP turbine
operated more efficiently by not expanding into the vapor dome as compared to the other
cases. The negative aspect of reheating LP steam is that more heat is being used for LP
superheating as opposed to being used for generating IP steam. Nonetheless, the benefit
of no moisture in the steam turbine performance outweighs the loss from the reduction of
IP steam generation. With the decrease in HEN surface area, the "the IP and LP Reheat"
case has the highest profit per year.
The design of the steam cycle design could take any number of different configurations
and be comparatively assessed to determine another optimum steam cycle design. The
steam pressures and reheat temperatures could be increased to improve overall plant
efficiency, although these are both limited by cost and material constraints. Furthermore,
the steam turbine layout can be changed so that the high pressure steam expands to LP or
condenser pressure instead of expanded to the IP steam level and reheated. This can
reduce the slope of the composite curve at high temperature, reducing the heat exchanger
network area (since HP steam no longer mixes with IP steam before being reheated).
However, the power output would decrease because the HP steam could expand into the
two-phase region, and also reheating the expanded HP steam improves efficiency. An
economic analysis would have to be conducted to assess these different steam turbine
configurations, although in general, increasing the power output has a greater impact on
increasing profit than decreasing the HEN area. Assessing multiple different scenarios
could be done as part of a larger optimization scheme, and has not been shown here
because of its minor added value to the discussion.
Further work can be done to use mathematical optimization to design the HEN network
with consideration of the entire steam isobar from its condensed water to superheated
state. Although not applied in this work, a better method to model realistic operation of
the steam turbines is given by Mavromatis and Kokossis [26], and later extended by
Varbanov et al. [61], to include part load performance and variation of performance with
operating conditions. Both works correlate the power output as a function of the
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saturation temperature of each steam level. The models of Mavromatis & Kokossis and
Varbanov et al. could be applied here if details of the turbine performance are required.
3.5.2 Error analysis
The error in the power output (and hence efficiency) of Table 3-3 would be due to error
in the calculated steam mass flow rates obtained by matching the steam heat sink to the
hot process composite curve. The heat capacities of the hot processes are calculated in
Aspen Plus using various equations of state for the vapor and liquid heat capacities and
heat of vaporization. The error is at most is 2.9%, which results in the same error in the
power output. The error in the HEN area is due to both the error in heat load for each
stream (2.9% error) and the error in the calculated heat transfer coefficients. The heat
transfer coefficients in Aspen Plus are calculated using the Dittus-Boelter equation,
which is accurate of 25%. Therefore, the HEN area has a total error of 25%, which leads
to the same error in the calculated profit.
3.6 Additional constraints to steam cycle
In reality, there are further constraints on the steam system in an IGCC plant that are not
accounted for in the targeting model presented in the previous section. It is desirable to
capture these features in pinch analysis targeting, to determine an upper bound of
maximum plant efficiency that can be obtained when heat is absorbed efficiently from
hot processes. Using the proposed method of including sensible heating in the composite
curve, accurate targets of the expected power output can be obtained.
In practice, superheating does not occur in the gasifier due to current material constraints
(as is assumed in Figure 3-7); instead, high pressure saturated steam is generated in the
gasifier, and is superheated in a high temperature heat recovery steam generator (HRSG).
Another requirement for the NETL baseline IGCC plant is that steam be supplied for the
water-gas-shift reactors downstream of the gasifier from the high pressure turbine at 6
MPa. Finally, LP steam is often not heated past its saturation temperature because of high
volume flow rates and the fact that only a minimal pressure drop can be tolerated at low
pressures. To produce superheated LP steam before entering the LP turbine, saturated LP
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steam is mixed with the superheated exhaust from the IP turbine. The maximum
temperatures of the HP and MP steam are 538*C, and the steam power island design is
given in Figure 3-10.
These constraints to the steam cycle were implemented into the model, where the new
composite curve is given in Figure 3-11. To account for superheating only in the high
temperature HRSG, the high temperature flue gas (from 350'C to 560*C) is removed
from the hot composite curve, and all the steam superheating is removed from the cold
composite curve. The heat transfer between the high temperature flue gas and
superheated steam are assumed to interact independently from the rest of the process.
Any portions of the cold composite curve in Figure 3-11 that have a non-zero slope are
due to the preheating of steam, not superheating.
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Figure 3-10: Steam island design for composite curve of Figure 3-11, with maximum HP
and MP steam temperatures of 538*C. Saturated LP water vapor (point 6) mixes with the
exit stream of the MP turbine (point 5), and afterwards expanded through an LP turbine
(from points 7 to 8).
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Figure 3-11: Model of an IGCC plant with carbon capture that accounts for superheating
only in high temperature HRSG unit, as well as steam removed for WGS.
Due to the limited heat available from the flue gas in the high temperature HRSG unit,
the mass flow rates of the HP and IP steam are reduced independently until there is
enough heat from the flue gas to superheat the steam to their desired maximum
temperature. The LP mass flow rate was then increased to reestablish the desired pinch
point temperature, since it does not require superheating in the high temperature HRSG.
The targets for the power output, surface area of the heat exchanger network and profit
are given in Table 3-4. There is a 1.7 point increase in plant efficiency compared to the
IGCC model generated in Aspen Plus with an efficiency of 31.6%. The increase in
efficiency is due to two factors. The first is that the targeting procedure only gives the
theoretical best heat exchange possible, which may call for an excessive number of heat
exchangers. Further work would be required to actually design the heat exchanger
network to find if this is the case or not. This does not discredit the targeting procedure,
since it serves its purpose of providing an upper bound of efficiency improvement from
better heat integration.
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Table 3-4: Targets for an IGCC plant with steam cycle constraints including limited
superheating in the HRSG, steam required for WGS and mixing of IP steam with
saturated LP steam.
Work Area Profit 't
(MW) (M2) (millions $) Improvement
IP Reheat 305.24 6.73 x10 5  229.43 33.29 1.71
The second factor is that there are opportunities for heat integration improvements
relative to the sub-optimal baseline Aspen Plus model. For example, in the targeting
procedure given in Figure 3-11, high temperature heat is used to preheat and generate
high pressure steam, while in the Aspen Plus model, the same heat is used to generate
intermediate pressure (IP) steam. This is an advantage of including the sensible heating
in the composite curve when targeting the steam utility system. The next step is to build
a heat exchanger network that would consider utility streams with both sensible and
latent heats, either by heuristic methods or mathematical optimization, extending the
optimization scheme by Ponce-Ortega et al [27] to include utility streams with both
sensible and latent heats.
3.7 Chapter summary
The goal of the current method is to set accurate targets for the best design of the steam
system by including the sensible heating and cooling of steam in composite curves
instead of using the latent heat alone. Advantages of doing so includes better matching of
temperature profiles and optimization of steam path through the plant. It also leads to
accurate accounting of changes in the layout of the steam power cycle, leading to better
optimization of the steam cycle. Furthermore, the large amount of heat required for
sensible heating of steam at high pressures is modeled accurately using this method. This
was applied to an IGCC plant with carbon capture to show that including sensible heating
leads to an increase in the targeted power output and reduction in the HEN area due to
changes in slope of the composite curve.
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Chapter 4
Harnessing high temperature heat in coal
gasification
4.1 Chapter overview
As part of the gasification process, hot syngas is cooled to low temperatures for gas
cleaning by generating high pressure steam. The steam, in turn, is used to generate
electric power. Unfortunately, the very large temperature difference that exists between
the syngas and high pressure steam results in significant losses (entropy generation)
during the heat transfer process. These losses can be reduced, and hence the overall plant
efficiency improved, by choosing materials and working fluids that reduce the
temperature defect in the syngas heat exchanger.
A set of alternatives to high pressure steam is liquid metals. Liquid metals can be kept at
a pressure equal to the syngas pressure, reducing the tensile stress in the heat exchanger
tubes. Since the strength of steel decreases with temperature, reducing the tensile stress
allows tubes (and the liquid metal running inside them) to reach higher temperatures.
The liquid metals can then be used in a secondary heat transfer loop to transfer heat to a
steam generator.
Another possible alternative is to use gases, such as carbon dioxide and helium, to absorb
the heat from the high temperature syngas to generate power. This approach requires the
use of high strength ceramic materials because wall temperatures are expected to be
above the maximum allowable temperatures of conventional steel materials, thus
increasing plant capital cost. This chapter describes a cost-effective radiant heat
exchanger that is used to transfer heat from high temperature syngas to these alternative
heat transfer fluids, and also quantifies the increase in overall IGCC plant efficiency by
doing so.
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4.2 Uses for high temperature heat out of the gasifier
The high temperature heat in the heat exchanger following gasification can be used for
multiple purposes, some of which include:
1. Generating power in a high temperature power cycle.
2. Producing hydrogen from methane-reforming [62].
Generating power is accomplished by transferring heat from the hot syngas to a fluid
such as steam or a gas using an indirect heat exchanger, which is then expanded through
a turbine to generate power. Another option is to first transfer heat from the syngas to an
intermediary fluid (that cannot be expanded in a turbine, such as a liquid metal), which is
then used to heat the working fluid of a power cycle. The usefulness of an intermediary
fluid is to be able to select the optimum thermal properties to match the temperature
gradients in the syngas stream, as well as to reach higher maximum fluid temperatures
while remaining within the heat exchanger materials constraints. Examining alternative
heat transfer fluids for power generation is the focus of the current work.
High temperature heat can also be absorbed by an intermediary fluid and used for high
temperature regeneration of solvents or for methane-reforming to form hydrogen.
Methane-reforming is particularly useful in a polygeneration plant, where coal is used to
produce power and various liquid fuel products. Hydrogen production from methane-
reforming in these plants increases the fuel product output, as well as reduces the capital
cost of the plant. Adams and Barton [62] examined a polygeneration plant that produces
methanol, diesel and gasoline hydrocarbon blends (through the Fischer Tropsch process),
as well as electricity. Methanol synthesis and Fischer Tropsch processes optimally
require a H2 :CO ratio equal to 2, but the ratio at the exit of the gasifier is typically
between 0.7-1.1. With the injection of hydrogen from methane-reforming, the H2 :CO
ratio can be increased before using water gas shift reactors to finally achieve a 2:1 ratio.
Internal methane-reforming that occurs within the tubes of the heat exchanger following
the gasifier increases the efficiency of a polygeneration plant without carbon capture by
four points and the efficiency of a plant with carbon capture by one point. The capital
cost of the polygeneration plant is lower because the size of the water-gas shift reactors
and CO 2 capture system (Selexol or Rectisol) can be reduced. However, the internal
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reforming associated with these processes requires temperatures between 700-1000'C,
and the use of expensive ceramic tubes. This work describes the design of a heat
exchanger to achieve high temperatures of fluids that are heated using high temperature
syngas from the gasifier, and estimates the associated cost. These high temperature
fluids can be then be used for methane-reforming.
4.3 Radiant heat exchanger design in General Electric (GE)
gasification process
In the General Electric (GE) gasification process, high temperature syngas (1300-760'C)
exiting the gasifier is cooled in a high temperature, radiant heat exchanger and used to
generate high pressure (HP) steam at 330'C. As heat is transferred across this large
temperature difference, significant entropy is generated as calculated using exergy
analysis of Chapter 2. A diagram of the GE gasification process is shown in Figure 4-1,
where syngas and steam flow through the radiant heat exchanger in a countercurrent
configuration. The steam enters the heat exchanger as a saturated liquid and exits as a
saturated vapor. Boiling water ensures high heat transfer rates from the tube walls (due
to high boiling heat transfer coefficients), which maintains a wall temperature close to the
temperature of boiling water. Preheating of the water and superheating of the steam
occurs elsewhere in the plant.
To reduce the entropy generation in the radiant heat exchanger, the steam temperature
should be increased, also requiring an increase in steam pressure in order to maintain the
same boiling heat transfer rate within the tubes. However, since the strength of high
temperature, austenitic steels (as used in this application) decrease with temperature,
thicker-walled tubes made of stronger, more expensive materials would be necessary to
sustain higher pressures.
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Figure 4-1: GE gasification process, where high temperature syngas rejects heat to
boiling steam in the radiant heat exchanger.
Based on this analysis and observation, this work explores the use of alternative heat
transfer fluids, materials and power cycles that can be used in order to reduce the
temperature difference between the syngas and heat transfer fluid within the radiant heat
exchanger, thus improving overall plant efficiency. One configuration considered here is
replacing high pressure steam with an alternate heat transfer fluid in an intermediate loop,
absorbing heat from high temperature syngas and rejecting it to steam as diagrammed in
Figure 4-2. The heat transfer fluid would need to have excellent thermal properties, such
as liquid metals, to maintain the high heat transfer rates from the tube walls. It is also
desirable to heat the intermediary heat transfer fluid to temperatures higher than the
maximum superheat temperature of steam. Heat exchange between superheated steam
(with heat transfer coefficients that are lower than boiling) and liquid metals are tolerated
because wall temperatures will not exceed the maximum temperatures of materials used
in conventional steam superheaters. Not only is superheating possible, but higher steam
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pressures (including supercritical, >221 bar) are allowable because the temperatures of
the tubes do not exceed the maximum temperature of high strength steels.
Another configuration explored in this work is using high temperature heat from syngas
as a heat source for a gas Brayton cycle, as shown in Figure 4-3. In such a configuration,
heat would be absorbed by the gaseous working fluid in the radiant heat exchanger before
being expanded in a turbine. This cycle does not require an additional heat exchanger in
order to generate work, as is the case in the intermediate loop configuration. Heat
rejected from the gas Brayton cycle is then used for boiler feedwater heating or to
generate steam. However, using a gaseous working fluid has its shortcomings; lower
heat transfer coefficients lead to low heat transfer rates causing high wall temperature,
necessitating high strength materials. Ceramics, such as SiC, can be used for this
application because of their high strength and creep resistance at high temperatures
(>1000'C), however this would add to the capital expense of the plant. The accessibility
of using ceramics as a heat exchanger tube material is possible within the radiant heat
exchanger due to the high operating pressures (~5.6 MPa) that would reduce the tensile
stress in the tube walls. This chapter first focuses on the intermediate loop configuration
in Figure 4-2 using liquid metals and then explores the use of the gas Brayton cycle in
Figure 4-3.
- 108 -
Coal Ox
slurry
Gasifier
Radiant Heat I
Exchanger
Quench
Cooler
Slag/Water
gen
ntermediate
loop
Syngas Out
Figure 4-2: An intermediate loop is used to absorb heat from the radiant heat exchanger
and reject it to steam.
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Figure 4-3: A gas Brayton cycle operates by using high temperature heat from the syngas
as a heat source, and the steam cycle as a heat sink.
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4.4 Material choices
In order to recover useful high-quality heat from the gasifier, different heat transfer fluids
and materials are explored. The use of lead and lead-bismuth eutectic (LBE - 44.5% Pb +
55.5 wt % Bi) is proposed, flowing through heat exchanger tubes made of a composite
material developed at MIT that could increase the corrosion limit of steel pipes
containing LBE to temperatures of 750'C [36, 63].
4.4.1 Intermediate heat transfer fluid
Leading the exploration of heat removal with high temperature coolants is the nuclear
industry as part of its Generation IV reactor program [64]. Reactor coolants that are being
assessed are gases such as carbon dioxide and helium, liquids such as molten metals and
salts, and supercritical water. These same coolants can also be addressed for use as a heat
transfer fluid in a gasifier radiant heat exchanger. High temperature gases cannot be used
in the radiant heat exchanger with conventional steel materials because their low thermal
conductivity and heat transfer coefficients would result in critical wall temperatures
leading to material failure. Supercritical water would also require thicker-walled heat
exchanger tubes than are currently used to contain the required higher pressures and wall
temperatures. A comparison of other liquids that are being assessed by the nuclear
industry is given in Table 4-1. As can be seen, molten salt has a fairly low thermal
conductivity and high viscosity compared to sodium, lead or LBE, which leads to low
Reynolds number flow [65], and a reduced capability to draw heat away from the tube
walls to keep them cool. However, molten salts are less corrosive and do not react with
secondary fluids, including water [65]. The use of molten salt as a potential heat transfer
fluid is assessed in section 4.8. Lead, lead-bismuth and sodium have comparable
thermodynamic properties, although sodium is slightly superior due to its much higher
thermal conductivity. However, a major disadvantage of using sodium is it can burn
readily in air (due to the presence of oxygen) when heated, and it reacts violently with
water to form hydrogen gas, making its use a safety concern. Conversely, lead and LBE
are chemically inert, and are thus selected as the heat transfer fluids of choice in this
work. Bismuth alone was eliminated because of its high cost.
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Table 4-1: Thermal properties of liquid metals and salts. Data is given at 700'C.
Name Tks Tboid k c, pC,
(C) (0C) (W/m-K) (J/kg-K) (J/cm-K) (Pa-s)
Lead [66] 327 1620 19.9 142 1.45
LBE [66] 123.5 1670 16.7 139 1.14
Bismuth [66] 271.5 1560 16.3 120 1.37
Sodium [65] 97.8 892 59.1 1276 1.00 1.81x10 4
Molten Salt' [65] 396 2500 0.39 1004 1.72 1.18x10~3
'The salt chosen for this comparison is NaCl-KCl-MgCl 2 (30-20-50).
The advantages to liquid metals over gases are their high heat capacity per unit volume
(leading to smaller heat exchangers), high density (leading to a lower volume flow to
reduce pumping power), and high thermal conductivity (leading to lower wall
temperatures). Lead is more attractive than LBE because of its lower cost and higher
availability. However, the difference in fusion temperatures between lead and LBE of
3270 C and 124'C respectively makes lead more susceptible to solidifying if heat sources
are lost. To prevent clogging of pipes due to solidification, temperatures of the closed
cycle must be kept above the solidification temperature with sufficient insulation and
heaters (particularly for start up) on the pipes outside the gasifier. To prevent solidifying
during start up within the gasifier, the gasifier is first heated by burning natural gas before
gasification occurs, which is already done in practice [30]. Once the tubes have been
heated above the melting temperature of the liquid metal, it begins to flow. During shut
down, the liquid metal is flowed until the gasifier cools below the maximum allowable
tube temperature.
Liquid metals have a long history in both nuclear and commercial applications. Soviet
Alfa class submarines use lead coolants in their nuclear reactors. Liquid sodium is used
as a primary coolant in nearly all-land based fast reactors constructed in the last 50 years
[67]. High temperature sodium heat pipes, operating between 500*C and 1200*C, are
being evaluated for use in energy conversion applications such as fuel cells, gas turbine
re-combustors and Stirling and thermoacoustic [68] cycle heat sources, and nuclear
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reactor heat removal elements [69]. Thermacore Inc., a manufacturer of sodium heat
pipes, has proven operational experience with over 15 years of continuous operation
[70]. In general, toxicity and safety risks associated with liquid metals have limited their
use as heat transfer fluids. However, with increasing energy costs, there is renewed
interest in this area and significant engineering efforts are underway to mitigate the risks.
For example, Rosatom and the En+ Group in Russia have announced a plan to build 100
MWe LBE-cooled modular reactors, which can be used to provide power to remote areas
and industrial facilities, or installed on floating ocean platforms to provide power to
desalination units [71]. In the US, small modular reactors (25 MWe) with LBE coolant
are being developed by Hyperion for meeting power needs for small communities of
about 20,000 homes [72].
4.4.2 Tube materials
The drawback to using liquid metals is corrosion; lead and lead-bismuth are particularly
corrosive for tubes containing nickel or nickel-based alloys, especially at high
temperatures [73]. Multiple methods to improve corrosion resistance are summarized by
Short [36]. One approach to improve the corrosion resistance of the structural material is
by controlling the oxygen content in the lead or LBE fluid. Dissolved oxygen in the heat
transfer fluid can passively form an oxide coating on the metal tubes; however,
maintaining a stable coating requires precise control of the level of the oxygen content.
This method has been used in the Russian Alpha-class submarines and its effectiveness
has been confirmed by EU ADS (accelerator driven systems) research [74]. Another
method that provides excellent corrosion resistance is called the GESA (Gepulste
Elektronen Strahl Anlage - Pulse Electron Beam Facility) method developed by Engelko
et al. [75]. GESA uses a pulsed electron beam to melt a coating onto the structural base
of the tube. Using the process, corrosion resistance was obtained with FeCrAlY coatings
applied to T91 with velocities up to 2 m/s and temperatures of 600'C [76]. However, this
approach is fairly slow and expensive.
Recent developments in composite tube materials show promise to get to even higher
liquid metal temperatures in a cost-effective manner. A research program at MIT in the
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Department of Nuclear Engineering has developed a layered composite material to
increase the corrosion resistance of steel pipes containing lead and LBE [36]. The
composite consists of a corrosion resistant layer of Fe-12Cr-Si applied to a structural
backbone of T91 (Fe-9Cr-lMo). The corrosion resistant layer was chosen because of its
ability to form protective chromium and silicon oxides. The base material is a
ferritic/martensitic Fe-Cr based steel with a similar chemistry to the composite, instead of
using austenitic steel because, as mentioned earlier, it contains nickel that is highly
soluble in lead and lead-bismuth. Another criterion for the base material was that it had
to be readily available for commercial production, which narrowed it down to HT-9 (Fe-
12Cr-lMoVW), manufactured by Sandvik, and T91 (Fe-9Cr-lMoNbVW), manufactured
by Vallourec & Mannesmann. T91 is stronger, has a higher creep-rupture life, superior
microstructural stability, higher creep resistance, and a lower ductile-to-brittle transition
temperature. HT-9 is less expensive and has been around longer. In the study by Short
et. al. [63], T91 was chosen as the base material, although other ferritic/martensitic steels
with similar properties would also be suitable.
Static testing in LBE was done for both T91 and the corrosion resistant layer, Fe-12Cr-
Si, at 700'C in oxidizing and reducing environments. The corrosion resistant layer
showed excellent corrosion resistance, and in the case the resistant layer was breached,
the T91 was found to corrode at a manageable rate compared to the rapid corrosion of
austenitic steels in LBE above 600*C. The corrosion distance (in ptm) of T91 exposed to
LBE closely follows a 17 law, where t is time in hours.
The composite was also aged at 700'C, 750'C and 800'C. At 800*C, T91 softened,
indicating that the material temperature had reached its Al transformation temperature
when microstructural phase changes begin to take place. This was below the quoted Al
transformation temperature range of 830 - 850'C given by Vallourec & Mannesmann
[77]. According to Terry Totemeier at Alstom, the Al transformation temperature can
vary between 756'C and 850'C, depending on small changes in chemistry [78]. In
practice, the Al temperature of each lot should be measured to ensure that the Al
temperature is at least 30'C above the intended maximum operating temperature.
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The material can be easily manufactured on a commercial scale using existing procedures
according to the ASME standards. The corrosion resistant layer can be applied via weld
overlay (chosen by Short) or using a coaxial billet with co-extrusion. Both processes can
easily be adapted to complex shapes.
4.4.3 Design limitations for heat exchanger tubes made of composite material
The minimum thickness of the corrosion resistant layer is based upon the expected
corrosion rates and the diffusion layer between the two materials. These numbers are
based upon work by Short et al. over a sixty year lifetime [63]. Corrosion rates are less
than 1 ptm/year, and the dilution zone where the materials have diffused at the interface is
stable, and will not exceed 33 gm. Therefore, a thickness of approximately 0.93 mm is
required for the composite over its 60 year lifetime. The thermal resistance of the
composite layer is negligible to overall heat transfer from the syngas to the heat transfer
fluid because it is so thin.
Coal
slurry Oxygen
Gasifier
LBE Out
Inert pressurized gas
Radiant Heat
Exchanger Metallic diaphragm
LBE In Liquid metal tank
Quench Syngas
Cooler
Out
Slag/Water
Figure 4-4: Liquid metal being pressurized by an inert gas using a vessel that is in
mechanical equilibrium with the main liquid metal flow. Gas is separated from the liquid
metal by a thin metallic diaphragm to prevent the dissolution of gas into the liquid metal
stream.
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Previously, lead-alloy velocities are limited to about 2.5-3 m/s due to concerns of erosion
of the protective oxide layers [79]. The protective film on the T91 tube, on the other
hand, is expected to be able to tolerate flows with velocity of 6 m/s without significant
erosion [80]. A conservative limit of 3 m/s is chosen in this work.
The maximum allowable temperature for the radiant heat exchanger tubes in this work is
chosen to be 750*C, far below the Al transformation temperature of the structural base.
The location where the tubes will see this maximum temperature of 750'C is at the
syngas inlet (at the top of the heat exchanger) and it is here that the heat exchanger tubes
should be designed to have the lowest tensile stress. With a gasifier operating at 5.6
MPa, one option to reduce the tensile stress is to pressurize the liquid metal. A cost
effective way to pressurize the liquid metal is by using a pressurized inert gas, such as
helium or argon, in contact with the liquid metal and separated by a diaphragm, as seen in
Figure 4-4. A vessel containing liquid metal and pressurized gas is at mechanical
equilibrium with the liquid metal. This is similar to an expansion tank used in closed
water heating systems. The diaphragm prevents dissolved gas in the liquid metal to
travel through the system and be deposited elsewhere, since the solubility of gases varies
with temperature. The vessel must be continuously heated (with electric heaters, for
example) to keep the molten lead or LBE above its melting temperature. In this case, the
LBE is preferred over lead because of its lower melting temperature.
With no tensile stress at the top of the tubes, the minimum tube wall thickness is
determined by the hydrostatic pressure of the liquid metal at the bottom of the heat
exchanger. The pressure head of a column of lead or LBE 30 m tall (height of GE radiant
heat exchangers) is 3 MPa. For the different heat exchanger designs assessed in this
work, the maximum allowable stress, a, from the standard boiler and pressure vessel
code is 80.6 MPa (for a wall external temperature of 575'C) [81]. A 5 cm ID heat
exchanger tube is used, with a required thickness of t = pR/a = 1mm, where R is the
inner radius of the tube. A factor of safety of 3 was applied to account for any potential
corrosion or wear, resulting in a tube thickness of 3 mm. With these thin walls and
characteristically high thermal conductivity of the liquid metals, the wall temperature can
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remain close to the temperature of the working fluid. Start up and shut down can also be
managed by gradually increasing the pressure of the syngas and liquid metal together in
order to minimize the tensile strength in the heat exchanger tubes.
If pressurizing the lead or LBE is undesirable from an operating perspective, another
option to reduce the tensile stress is to reduce the heat exchanger tube diameter; however,
the minimum tube diameter is limited by pressure drop. In addition, decreasing the tube
diameter requires additional tubes to line the wall of the same diameter radiant heat
exchanger, increasing the cost of the heat exchanger. The wall thickness must be thin
enough to keep the external wall temperature low, while the tube diameter is chosen to
prevent collapse. Thin-walled vessels under external pressure fail at stresses much lower
than the yield strength due to instability of the shell. For a tube that has a pressure
uniformly distributed over its external surface, there exists a critical pressure which will
cause an initial deformation that will progressively increase with time. The first mode of
deformation is when the tube becomes oval in shape and continues to flatten if the critical
pressure has been reached. The critical pressure, pe, is given by [82, 83]
E't3Ft =4 3  (4.1)PC4R,3
where t is the tube thickness; Rm is the mean radius; E' is the modified Young's
modulus given by E' = E/(1 - v2); v is Poisson ratio and E is the Young's modulus. In
the case of heat exchanger tubes in a radiant heat exchanger, the critical pressure is set by
the external gasifier pressure minus the liquid metal pressure on the inside. The ratio of
tube thickness to radius would then follow from equation (4.1).
4.5 Tube-lined wall radiant heat exchanger
To compare heat absorption from high temperature syngas using boiling water, lead or
lead-bismuth, a heat exchanger design is modeled upon the General Electric Energy (GE)
radiant heat exchanger design. The GE radiant heat exchanger sits below the gasifier and
consists of vertical tubes that line the perimeter of the heat exchanger. The syngas flows
downward through the center of the tubes as the coolant flows upwards in a counterflow
configuration. A diagram of the design is shown in Figure 4-5. Slag is concentrated at
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the throat between the gasifier and the radiant heat exchanger before it drips downwards
without making contact with the tubes along the wall. The tube walls remain relatively
clear of slag build up, as described in the final technical report from the Tampa Electric
Polk Power Station [33]. The radiant heat exchanger was originally configured with 122
sootblower lances, only 4 of which have ever been needed or used. In fact, the
sootblowers seals became problematic, leading to a 55-day planned outage to remove all
but 8 of them.
The dimensions of the GE radiant heat exchanger were quoted in the U.S. Department of
Energy's technical report on the Tampa Electric Integrated Gasification Combined-Cycle
Project as "16 feet in diameter and 100 feet long, and weighs about 900 tons" [84]. To be
consistent with these dimensions, the internal diameter is chosen to be 4.5 m (14.8 ft) and
the total length of the gasifier is 30 m (98.4 ft) long.
The heat transfer area and heat exchanger dimensions are kept constant with different
heat transfer fluids to allow a meaningful comparison of the heat exchangers. The area
for one heat exchanger could be increased relative to the other (by increasing the length
or diameter), but then differences in the heat absorbed from the syngas is not only due to
changes in the heat transfer fluid, but also a change in the heat transfer area. The effect
of increasing the heat exchanger length on efficiency and cost is assessed in section 4.5.4.
In the case where high pressure steam is being generated in the radiant heat exchanger,
the tube diameter and thickness are chosen to be 5 cm and 1 cm respectively [85], and the
material is assumed to be Inconel, consistent with the model by Monaghan [86]. Inconel
is a solid high chrome/nickel alloy tube that is strong at high temperature, and is resistant
to sulfur-containing gases, making it attractive for coal gasification [87]. For the liquid
metal case, the tube diameter is the same as for steam at 5 cm, and the tube wall thickness
is reduced to 3 mm as described in the previous section. Heat exchanger tubes are placed
adjacent to each other vertically along wall so that they are touching. For the same
gasifier diameter, there are more liquid tubes in the liquid metal case than is the steam
tube case because the tube wall thickness is smaller in the former case.
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Behind the coolant tubes, a refractory lining of firebrick and insulating brick are present
to protect the external wall against high temperatures, as shown in Figure 4-5. The
thermal conductivities and thicknesses of all materials are given in Table 4-2.
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Figure 4-5: Two gasifiers in parallel feed into tube-lined wall radiant heat exchangers.
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Table 4-2: Thermal conductivity and thickness for materials in the radiant heat exchanger
at their design temperature.
Thermal conductivy, k Thickness Reference
(W/Im-K) (cm)
Slag 1.89 0.1 [88]
Tube for Steam (Inconel 690) 25 1.0 [87]
Tube for LBE (T91) 30 0.3 [77]
Firebrick (Zirchrom@ 90) 2.4 55.0 [89]
Insulating brick (CA 333) 0.81 21.0 [89]
External steel wall 50 6.0 [90]
To pump the liquid metal through the heat exchanger loop, a mechanical or
electromagnetic pump can be used. Mechanical pumps, such as cast iron centrifugal
pumps, suffer from corrosion issues, mechanically induced vibrations and sealing
difficulties [91]. An advantage to electromagnetic pumps is that they do not require
moving parts. A direct current conduction pump for bismuth with 30% efficiency has
been achieved at a temperature of 550'C, pressure rise of 517 kPa, volume flow rate of
2000 gallons/min (0.13 m3/s) and power requirement of 261 kWe [92]. These conditions
would be sufficient for the system proposed in this work.
4.5.1 Heat transfer model
The heat transfer model for the radiant heat exchanger was based upon work conducted
by Monaghan [30], but some differences do exist. Specifically, axial conduction in the
walls, syngas and coolant was neglected for the analysis because it is not a dominant term
in the energy conservation equation. The steady state energy conservation equation for
axisymmetric flow of either the syngas or heat transfer fluid that undergoes sensible
heating is
d(thcT) d2T
=kA +4snCD (4.2)dx dx2
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where rh is the mass flow rate, c, is the specific heat capacity, T is the bulk temperature,
k is the thermal conductivity (assumed constant), A is the cross-sectional area for fluid
flow, x is the coordinate in the axial direction of the heat exchanger (downwards from
the gasifier exit), D is the diameter of the cross-sectional area and 4s is the surface heat
flux. The left-hand side is the convection of energy by mass through the control volume.
The first term on the right-hand side is the heat transfer by conduction in the axial
direction (flow direction) across the surface of the control volume, and the second term is
the heat transfer at the wall in the radial direction. Using the bulk temperature in the
axial conduction term is an approximation that will be shown to be inconsequential since
the advection term on the left-hand side is much larger than the conduction term.
When solving the conservation equations, the variation of the specific heat as a function
of temperature is neglected, i.e.
dT dc
(rhc )-dT>>(rMT) dc (4.3)dx dx
For the lead or LBE, the left-hand side of equation (4.3) is at least three orders of
magnitude larger than the right side along the entire length of the heat exchanger. For the
syngas stream, at the hot end of the heat exchanger the left-hand side is one order of
magnitude larger than the right side, and at the cold end, four orders of magnitude larger.
Also neglected in the conservation equation is the axial conduction term. The convective
term is six orders of magnitude larger than axial conduction term for both the syngas and
the lead or lead-bismuth, i.e.
dT d 2 T .AT AT(4)(rhc)- >> kA 2 , approximated as,(rh1c,) >> kA (4.4)P ) X P L L2
where L is the length of the heat exchanger in the axial direction. This is equivalent to a
large Peclet number that is 106 for the syngas, lead and lead-bismuth. Axial conduction
in the tubes is also neglected because the following parameter X is small (X ~ 10~') [93]
k A,
« * <1 (4.5)
meL
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Chemical reactions are assumed to not occur in the radiant heat exchanger, including
water-gas shift reactions, which have been shown to not have a significant effect on the
final syngas composition. [90]. The one-dimensional heat conservation equations can
therefore be solved for both the syngas and the coolant. Convective, radiative and
conduction heat transfers, as well as gas and surface temperatures, are labeled in Figure
4-6, where
Qrad,g-+w radiation heat transfer from syngas to slag surface
Qonvg-+w convective heat transfer from syngas to slag surface
Ql heat transfer through the slag and tube wall to heat transfer fluid
(or coolant)
QC-+ext conduction heat transfer from heat transfer fluid to external wall
Qrad,ext-+amb radiation heat transfer from external wall to ambient
Qconvext-+amb convective heat transfer from external wall to ambient
T bulk syngas temperature
T, slag surface temperature (surface exposed to syngas)
T heat transfer fluid temperature
TI., external wall temperature
TImb ambient temperature
Heat transfers are calculated per unit length. For the syngas (subscript 'g'), the energy
conservation equation is: ( dT
rhcp )g g = -Qconvgw - Qradgw (4.6)
For boiling water that undergoes a phase change, the energy equation is
f ( C d (quality) = - (4.7)
dx
where the subscript 'c' represents the coolant running through the heat exchanger tubes.
If the coolant is liquid metal, the energy equation is
-(rhcp )c 'T =Q - ext (4.8)
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The unknowns to be integrated along the length of the heat exchanger are the syngas
temperature, Tg, and either the quality of boiling water or the liquid metal temperature,
T. The steam enters the heat exchanger as saturated liquid and exits as saturated vapor.
To solve for the internal slag temperature T, and the external wall temperature T,,,, the
following heat transfer terms are equal:
Qrad,g-*w + Qconv,g-*w = Qw-4 c (4.9)
Qc-*,xt = Qonv,ext->amb + Qrad,ext-+amb (4.10)
The heat transfer terms per unit length in equations (4.9) and (4.10) are given by:
Qconv,g->w = hgffDX (TgI ,) (4.11)
Qrad,g-*w = irDRJxe(T-T, (4.12)
=> (T -T )
Rsag + Rwai, + Rco(1
QC-*ex, = T Tx (4.14)
Ron, +wa+ R + Rb + R,
Qconv,ext-*amb = het7DRx (Text - Tamb) (4.15)
Qrad,ext-*amb = xTDRxc ext ( Tx - T,) (4.16)
where
DRx radiant heat exchanger diameter measured from the center to the
surface of the slag
E, emissivity of slag surface
RsIag, Rwali thermal conduction resistance through slag and tube wall
respectively
Rr,, Rib, Rt thermal conduction resistance through tube firebrick, insulating
brick and external steel wall respectively.
Rcon, thermal convective resistance in the heat transfer fluid
hext heat transfer coefficient on the external wall of the radiant heat
exchanger
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Figure 4-6: Transverse view of the radiant heat exchanger where heat flows are labeled
radially outward. Convective and radiative heat transfer occurs from the syngas to the
slag surface, as well as from the external steel wall to the environment. Conduction heat
transfer occurs through the slag layer, tube walls, firebrick, insulating brick and the
external steel wall.
The gas and particle temperature are assumed uniform for each axial position along the
heat exchanger. The emissivity of a particle cloud is , =1- exp(-KB) where K is the
absorption coefficient and B is the characteristic dimension of the heat exchanger [94].
For most pilot and commercial scale gasifiers, KB>3. he radiation heat transfer from the
gas cloud to the wall assumes no reflection from the wall [95]. Slag is not expected to
contact the wall but fly ash particles are present and can stick to the wall. Since the wall
temperatures are too low for slag to flow, a slag layer on the walls is assumed by
Monaghan (and is taken to be the same in this work) to have a thickness of 1 mm [30]
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Text
with an emissivity of 0.83 [88]. The value of slag thickness is of the same order of
magnitude as the thickness of the slag layer exiting the gasifier is (-5 mm) [30], but it is
expected that much less slag will build up on the heat exchanger tube walls, as evidenced
by the fact sootblowers are not frequently used to clear the tubes [33]. There is little
sensitivity of the results to the thickness and thermal conductivity of the slag, confirmed
by Monaghan [30], since most of the thermal resistance is in the syngas, limiting the heat
transfer between the syngas and the wall. Radiation from the external wall treats the
environment as a black body.
An axial view of the radiant heat exchanger is shown in Figure 4-7a. To develop a
thermal resistance network, the system is modeled as in Figure 4-7b. The radial thermal
resistance per unit length of the solid materials (slag, insulation and tube walls) is:
in (trut /r1, (4.17)
2zck
where r. and r0., are the inner and outer radii are measured from the center of the heat
exchnager. The convective resistance per unit length in the coolant tubes is:
1
-R = (4.18)
where hC is the internal heat transfer coefficient calculated dependent on the coolant, and
DC is the diameter measured from the centerline of the coolant tubes on either side of the
heat exchanger wall. The surface area for heat transfer per unit length is assumed to be
7D, which underestimates the actual heat transfer area by ir/2 because the curvature of
the tubes was not taken into consideration. However, this approximation only introduces
less than a 1% error in the heat absorbed by the LBE, and a 0.4% error in the exit
temperature of the syngas. The error is small because the heat transfer coefficient within
the tubes is high enough to neglect this thermal resistance.
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Figure 4-7: A quarter view of the axial cross-section of the radiant heat exchanger. The
tubes in (a) are represented for simplicity as a concentric cylinder shown in (b).
To find the heat transfer coefficient for two-phase boiling water h, the method
proposed by Klimenko is used [96]. The first step is to determine whether nucleate or
film boiling is dominant by evaluating the parameter cD :
= I+quality i -1 1 (4.19)
q L p ) p,)
where
G mass flux = MIA, , mass flow rate divided by cross-sectional area
hfg latent heat of vaporization
q heat flux per unit length
p, p density of liquid and vapor water, respectively.
Nucleate boiling is valid for (D <1.6 x 104, which is the case for the high pressure steam
in the coolant tubes. The following correlation is therefore valid:
Nu = 7.4 x10 3 *0-)6 0.5 p -1 3 k ) 0 (4.20)
whk
where
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- - 1/2
Nu= h7, qL, P p _ pL' Lk, hp,Pi' [(ag (p, -p)]1/2  9 (P1 P)
surface tension
g gravitational acceleration
p fluid pressure
a, thermal diffusivity of saturated liquid
hTp boiling heat transfer coefficient
The total heat transfer coefficient is found by combining heat transfer coefficients for
forced convection, hFC , and boiling, hTp :
h =(hIp +hc )1 3  (4.21)
The forced convention heat transfer coefficient is much less than the boiling heat transfer
coefficient and is calculated here using Petukhov's correlation [97]:
(f/8)ReD PNuD = (4.22)
The properties of steam in this equation are for saturated liquid water. The friction factor
is calculated assuming a smooth pipe is given by:
2
f = (4.23)(1. 82In (ReDj~1'64)
For low-Prandtl liquid metals, Notter and Sleicher [98] recommend the following
correlation for a uniform wall heat flux:
Nu = 6.3+0.0167 Re4D85 pr0.93  (4.24)
The heat transfer coefficient for the gas stream in the gasifier is calculated using equation
(4.22), with a friction factor given by the Colebrook equation [99] for turbulent flow with
surface roughness:
1 -2Oo(Q/D 2.51
= -2.0 log + 2) (4.25)fi/2 (3.7 ReD f1/2
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with a roughness Q of the same magnitude as the slag layer thickness and the roughness
of the tube wall (-0.003 m) [100].
The convective thermal resistance on the outside of the gasifier takes the same form as
equation (4.18), but the heat transfer coefficient is calculated using the Churchill and Chu
[101] correlation for natural convection
2
0.387Ra6
NuL = 0.825+ L/16 (4.26)
[1. +(0.492/Pr)9
The Nusselt number(Nu), Reynolds(ReD), Prandtl(Pr)and Rayleigh (RaL ) numbers for
the above correlations are given by:
NuD = hD/k
ReD = pVD/p,V = rh/pA
Pr = pc,/k (4.27)
RaL fl(, t- Tmrb )LP 8= 2/(Text ITmb)
pa
where L is the length of the gasifier (m). A summary of all heat transfer correlations is
given in Table 4-3.
The pressure drop for all streams is calculated using the Darcy relation:
Ap = fL 1pV2. (4.28)
D 2
Thermal and physical properties as a function of temperature for the syngas, lead and
lead-bismuth eutectic (LBE) are given in Table 4-4. The properties of the syngas were
fitted to data extracted from the model developed by Monaghan [90].
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Table 4-3: Heat transfer correlations for the coolant, syngas and the external wall of the
gasifier.
Location Correlation Reference
Coolant Tubes k 0.15 [96]
(boiling) k,
- 1/2
. qLc . _ p )], L = L -]1 ]
hf,p,p, ' [agp , (pI -pj)
Coolant Tubes Nu = 6.3 +0.0167 Re 8 5 Pr0 .9 3  [98]DD
(liquid metal)
Gas stream Nu - (f/8)ReD Pr [97], [99]
(turbulent internal D 1.07 +12.7(f/8Xr2'3 -'
forced 1 2/D 2.51
= -2.0 log 2.5
convection) 1/2 ( 3.7 Re f1 / 2
External wall of 0.387Ra 1 /6  2 [101]
gasifier (natural NuL = 0.825 + L //9
convection) I [ + (0.492/Pr)9
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Table 4-4: Thermal and physical properties of lead, lead-bismuth and syngas, as a function of temperature, in Kelvins.
Syngas [90] Lead [66] Lead-bismuth Eutectic [66]
Density, p 1.425 x10 4  11367 -1.1944 Tb 11096 -1.3236 TLBE
(kg/m3 ) T
Heat capacity, cp 0.269 T +1558 175.1- 4.961 x 10-2 TPb +1.985 x 10- 5 T , 159 - 2.72 x 10-2 TLBE
(J/kg K) -2.099 x 10-9 T' + 1.524 x10 6 T +7.12x10 6 TLBE
Thermal conductivity, k 1.16x10-4 Tg +4.42x10- 2  9 .2 +0.011 TPb 3.61+1.517 x 10-2 TLBE
(W/m-K) -1.741 x10~6 TLBE
Dynamic viscosity, g 2.85 x10- 8 Tg +1.20 x10- 4 1069 49 4 754.1
(Ps)4.55x10 exp 4.94x10Te
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4.5.2 Simulation results
A radiant heat exchanger is run in a counterflow configuration where the syngas enters
from the top (after exiting the gasifier), and the heat transfer fluid flows through tubes
lining the heat exchanger wall. The inlet conditions of the syngas into the radiant heat
exchanger are modeled upon NETL baseline studies for an IGCC plant with carbon
capture, as described in Chapter 2 [34]. Two GE gasifiers are run in parallel for a total
coal flow rate of 227 t/hr (5448 t/day), and the inlet temperature to the radiant heat
exchanger is 1300*C. Boiling water, lead and LBE are each assessed as heat transfer
fluids to absorb heat from cooling syngas. The maximum exit temperature of lead and
LBE must be 660'C in order keep wall temperatures below 750'C. The high pressure
steam enters as a saturated liquid and exits as a saturated vapor at 328'C (its saturation
temperature at 12.5 MPa). The temperature profiles of the syngas and coolant streams
are given in Figure 4-8, and the inlet and exit temperatures of all streams are summarized
in Table 4-5.
The inlet temperature of lead and LBE is selected so that the pinch temperature with high
pressure saturated steam is at least 20*C, i.e. the inlet temperature of lead or LBE is at
least 20'C higher than the saturation temperature. As seen in Table 4-5, the inlet
temperature of LBE is 28'C higher than the saturation pressure of steam. This is because
the amount of heat absorbed from the syngas did not vary greatly over this range of inlet
temperatures, and it is more desirable to reduce the temperature difference between the
syngas and heat transfer fluid. Another advantage to keeping the lead or LBE
temperatures as high as possible is because when heat is rejected to steam, the area of this
secondary heat exchanger is also reduced.
The radiant heat exchanger model can be compared to previous work when boiling water
is used as a heat transfer fluid. The exit temperature of the radiant heat exchanger in the
model by Monaghan is 818'C [30], 35'C degrees lower than the temperature found in
this work. The reason for the discrepancy between Monaghan's model and the one in this
work is the difference in geometry (the length of the radiant heat exchanger in [30] is 40
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m and its internal diameter is 2.74 m). In fact, implementing the geometry used in [30]
yielded very similar results. According to a technical report on the Tampa Electric Polk
Power Station that operates a GE gasifier, the design exit temperature was 760'C, but the
exit temperature was consistently below 732'C [33]. The NETL report describes the exit
temperature of the GE radiant heat exchanger as 6770 C [34]. The difference between this
work, Monaghan's model and the GE process in Tampa is not only a lack of available
literature on the GE radiant heat exchanger design, but the simplified radiation heat
transfer model, which can also significantly impact results [102]. Nonetheless, if more
robust models were to be used, the performance trends for the different heat transfer
fluids are expected to be the same.
It is not surprising there is little difference in the degree of syngas cooling for both lead
and LBE, since their thermal properties are fairly similar. For the same flow rate and heat
exchanger geometry, using lead as opposed to LBE generally results in a one or two
degree increase in the exit temperature of the syngas, and a similar temperature reduction
in the wall temperature. The main difference is that the lead inlet temperature to the
radiant heat exchanger is higher than LBE (for the same exit temperature and flow rate)
because of its larger heat capacity.
One disadvantage of using lead or LBE as opposed to boiling water as a heat transfer
fluid in the radiant heat exchanger is that less heat is absorbed from the syngas due to a
lower temperature difference between the two flows. The largest thermal resistance is
within the syngas, with radiation being the dominant mode of heat transfer. The amount
of radiation heat transfer depends on the temperature difference between the syngas and
the surrounding walls, particularly at the low temperature end of the heat exchanger. To
improve convective heat transfer, the thermal resistance in the syngas can be reduced by
using an alternative heat exchanger design as addressed in section 4.6. Nonetheless, there
are efficiency gains by using liquid metals in the current tube-lined wall radiant heat
exchanger, as assessed in the following section.
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Figure 4-8: Temperature profile of cooling syngas in a tube-lined wall heat exchanger
when (a) steam and (b) LBE coolant are used as heat transfer fluids. Arrows indicated
the fluid flow directions.
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Table 4-5: Inlet and exit temperatures for streams in the
Tin ( C) Tout C)
Tube-lined wall (steam coolant)
Syngas 1300 853
Steam 328 (sat. liquid) 328 (sat. vapor)
Tube-lined Wall (liquid metal coolant)
Syngas 1300 882
Lead 371 660
LBE 354 660
4.5.3 Efficiency improvements
The heat absorbed by lead or LBE from the syngas in the radiant heat exchanger is
rejected to steam in order to generate power. Pinch analysis is used to assess the power
output from the steam system when either water is boiled or liquid metal is heated in the
radiant heat exchanger. Using pinch analysis, the targets for the power output, the heat
exchanger network area and the associated cost can be calculated. Heat loads of all the
hot and cold streams in the plant are combined into composite curves and plotted as a
function temperature. Steam is added to the cold composite curve at various pressures to
capture excess heat from hot processes.
Hot syngas from the radiant heat exchanger is included in the hot composite curve when
water is being boiled directly in the heat exchanger tubes. The composite curves that
includes high temperature syngas in the gasifier and the preheating and boiling of LP, MP
and HP steam is given in Figure 4-9a. The temperature limits for the high temperature
syngas are given in Table 4-5. In Figure 4-9b, the high temperature flue gas that is not
included in Figure 4-9a is used to superheat HP and MP steam in the high temperature
HRSG. Using steam coolant in the radiant heat exchanger is referred to as Case 1.
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radiant heat exchanger.
When LBE is used as a heat transfer fluid in the radiant heat exchanger, the hot syngas is
replaced in the hot composite curve by cooling LBE. In this case, superheating is no
longer limited to the high temperature HRSG, since there are no material restrictions on
the physical location of where superheating can occur. The entire steam isobar, including
superheating, can now be included in the cold composite curve, as diagrammed in Figure
4-10. The high pressure steam level can be maintained at 12.5 MPa (Case 2), similar to
the pressure level of steam currently generated in the radiant heat exchanger, or increased
to 25 MPa (Case 3).
Pinch analysis was used in section 3.6 to asses the power output from an IGCC plant with
carbon capture when steam is generated directly in the radiant heat exchanger. It is done
here again with a few differences to maintain similar assumptions between the case of
heating liquid metal and boiling water in the radiant heat exchanger. The first difference
is that the heat from the quench cooler is not recovered. Instead, the role of the quench
cooler is to absorb heat from the syngas to evaporate steam, which joins the syngas
stream to be used in the water gas shift reactors. If heat were recovered from the quench
cooler for power generation, detailed accounting of the water remaining in the quench
cooler would be required to determine the amount of heat absorption. Furthermore, heat
recovery from the quench cooler is difficult to achieve in practice. When it is achieved, it
is generally used to generate low pressure steam and does not account for a significant
portion of the total power output. The quench water is not clean, physically and
chemically, so it can lead to operational issues such as corrosion, erosion and the
formation of solid precipitates.
The second difference is that some streams from the Claus process are removed from the
hot and cold composite curves in pinch analysis. These include the gas stream in the
Claus boiler, and the processes that absorb this high temperature heat, including two
streams entering the catalytic converters and the stripper reboiler. It is assumed that
steam is used an intermediary fluid to transfer heat between these processes. Since
superheating of steam is included in the cold composite curve when LBE is used in the
hot composite curve, the removal of the Claus boiler from the hot composite curve is to
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prevent high temperature (1208*C) heat from being used to superheat steam, which is not
possible due to material constraints. In Table 2-2, the hot stream to be removed is the
"Claus Boiler" and the cold streams are: "Claus - Reheat gas before catalytic converter
2", "Claus - Reheat gas before catalytic converter 3", and "Claus Stripper." Removing
these streams has a negligible impact on the calculated power output from steam, since
the Claus boiler only accounts for 0.7% of the total available heat in the IGCC process.
The remaining heat loads are given in Table 2-2, and the steam system design is
represented on the temperature-entropy diagram of Figure 3-10. The HP, MP and LP
steam pressure levels are assumed to be 12.5, 4.5 and 0.45 MPa respectively, similar to
NETL baseline studies. Both HP and MP steam are superheated to 538*C, while the LP
steam is mixed with the exhaust from the MP steam turbine before it is expanded in the
LP steam turbine.
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- Hot Process w/o H.T. HRSG Flue gas
1200 - --- Cold + Steam - Case 1 550 ----- Superheated steam
1000 - 500-
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Figure 4-9: (a) Composite curves are composed of process streams, including high
temperature syngas in the gasifier and the preheating and boiling of each steam pressure
level. (b) High temperature flue gas is used to superheat MP and HP steam in the
superheater.
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Figure 4-10: Balanced composite curves including process streams and the steam system.
LBE is heated in a tube-lined wall heat exchanger and the HP steam levels are 12.5 MPa
and 25 MPa for Case 2 and 3 respectively.
The total heat absorbed in the radiant heat exchangers, the power output from the steam
system, the heat exchanger area, and the profit for the scenarios of Figure 4-9 and Figure
4-10 is given in Table 4-6. The formulas to calculate these parameters are given in
section 3.4. If lead is used as a heat transfer fluid in the radiant heat exchanger as
opposed to LBE, a slightly smaller heat exchanger network results when lead rejects heat
to steam. The difference in heat exchanger area when lead or LBE is used is negligible
when compared to the differences between the cases of Table 4-6.
The power output for Case 2 where LBE is heated in the radiant heat exchanger and HP
steam is 12.5 MPa, has not changed significantly from Case 1 when water is boiled in the
radiant heat exchanger. Although there is less heat absorbed from the syngas in Case 2
as compared to Case 1, which would tend to decrease the power output, a lower steam
required from the HP turbine for the water gas shift reactors increases the power output.
This result in no net change in the power output between the two cases.
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Table 4-6: Targeting from pinch analysis. The efficiency change is relative to Case 1.
Tube-lined wall
Case 1 Case 2 Case 3
Heat transfer fluid: Steam LBE LBE
HP Steam pressure: 12.5 MPa 12.5 MPa 25 MPa
Heat absorbed in RHX (MW) 122 114 114
Total Power from steam (MW) 271.4 270.8 284.2
Area for heat exchange (m2 ) 9.77 x 10' 8.12 x 10' 9.52 x 1OT
Profit (millions $) 201.2 201.0 209.9
,q change --- -0.03 0.75
The reason a lower steam requirement for the water gas shift reactors in Case 2 compared
to Case 1 is described as follows. The water gas shift reactors require an injection of
steam at 6 MPa in order to increase the hydrogen to carbon monoxide ratio, which is bled
from the high pressure steam turbine at 324'C. The amount of bled steam decreases if a
higher concentration of steam is present in the syngas stream before it enters the water
gas shift reactors. Steam enters the syngas stream following the radiant heat exchanger
as it evaporates in the quench cooler. As the exit temperature of the syngas from the
radiant heat exchanger increases, higher steam evaporation rates in the quench cooler
increase the steam concentration in the syngas stream. Therefore, when LBE is used as a
coolant in the tube-lined wall heat exchanger instead of steam, the exit syngas
temperature increases from 853'C to 884'C, and more steam is evaporated in the quench
cooler.
The power output is highest when liquid metal is used to heat HP steam at 25 MPa in
Case 3 because liquid metals can be used to generate superheated steam at even higher
pressure. The trend in the efficiency follows the same trend as the power output, and is
calculated as the net power output from the gas and steam turbines, divided by the higher
heating value of coal:
W +W 264 MW+W (4.29)GT stea 171M
HHV;oai 71M
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In Table 4-6, the efficiency is given relative to Case 1 when steam is boiled in the radiant
heat exchanger.
The targets for the heat exchanger network area in Table 4-6 do not include the size of
the radiant heat exchangers, since their areas are equal. The HEN area does, however,
account for the heat exchangers between LBE and steam. The heat exchanger network
area is similar for Case 1 and 3, and is lower in Case 2 due to higher temperature
differences in the heat exchanger network.
The differences in the heat exchanger network (HEN) area are indicative of the expected
differences in the HEN cost, with the assumption that the same base materials are used.
The cost of materials used in heat exchangers that boil or superheat steam whether by
flue gas or lead/LBE are very similar, if not less expensive for the latter which uses T91.
Current superheaters use carbon steels for temperatures of 454-510'C, and more costly
stainless steels at higher temperatures. A recent trend has been to replace stainless steel
tubes with T91 steel because of its high strength and lower cost [85]. Since the area of
the heat exchanger network is similar for Cases 1 and 3, the capital cost of the heat
exchanger network without the radiant heat exchangers is expected to be the same.
While the HEN area offers one metric to compare the cost of the heat exchanger network,
there are additional cost benefits of using liquid metals. Using liquid metal to heat high
pressure steam can be less expensive than using flue gas in the HRSG because liquid
metals can be easily pressurized to match the steam pressures, reducing the tube wall
thickness.
The profit in Table 4-6 follows the same trend as the power output, since the annual
revenue dominates the profit compared to the annualized capital cost of the heat
exchanger network. In Cases 1 and 3, LBE is more profitable than steam because the
revenue is higher and the capital cost of the HEN is the same (because of similar HEN
areas). To make a final assessment of the most profitable scenario, the capital cost of the
radiant heat exchanger must also be calculated, assessed in the following section.
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4.5.4 Cost comparison of radiant heat exchangers
The two heat exchanger designs that use steam and liquid metal as heat transfer fluids are
compared here on the basis of cost. The bare equipment cost of the radiant heat
exchanger in the current model is equal to the cost of the heat transfer fluid and the cost
of the tubes, outlined in Table 4-7. Additional equipment installation and bulk costs are
assumed to be equal between the two designs and are not considered here. Pumps for
water and liquid metals are well-developed technologies which can lead to little
difference in the cost between the two, but depending on the pump technology selected to
pump liquid metal (whether conduction or mechanical pumps), the difference in cost
should be further assessed. Nonetheless, the difference in cost between pumps is
assumed to be negligible when compared to the cost of the liquid metal and difference in
heat exchanger costs.
The average price for one kilogram of lead in 2010, according to the U.S. Geological
Survey (USGS), was $2.36 and one kilogram of bismuth was $18.27, which gives a price
of $11.11 per kilogram of LBE. The mass of lead or LBE used in this technology is
equal to the mass in the radiant heat exchanger plus the mass in a secondary heat
exchanger with steam. The amount of liquid metal in the secondary steam heat
exchanger is assumed to be equal to the amount in the radiant heat exchanger, which is an
over-approximation. The secondary heat exchanger with steam would be smaller than
the radiant heat exchanger because the heat transfer coefficient of boiling or superheated
steam is larger than syngas. An upper bound for the total cost of LBE is equal to $6.6
million and significantly lower for lead at $1.5 million.
The reference price of the radiant heat exchanger for steam is estimated as the difference
in price between a gasifier with a radiant heat exchanger (C"x,,,,, =$ 111.1 million) and
gasifier with quench only (CQUENCH,steam =$66.6 million), as quoted in the NETL report for
the GE gasification process [34]. According to a source from GE Energy, 70% of the
radiant heat exchanger cost is equal to the cost of the tubes [103]. The rest of the cost is
equal to the pressure vessel and refractory lining. To find the cost of the radiant heat
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exchanger when lead or LBE is used as the coolant, 70% of the difference in the radiant
heat exchanger cost (from the NETL report) is scaled by the number of tubes in the LBE
and steam radiant heat exchangers, as well as by a pressure factor due to a difference in
operating pressure. A lower LBE operating pressure leads to a cost reduction because
thinner walled tubes can be used. To scale by operating pressure, pressure factors P
from Table 3-1 are used. The design pressure differential across the tubes using LBE was
3 MPa, and for the steam coolant, the pressure differential is 6 MPa. Scaling the cost by
the pressure itself would decrease the cost of the heat exchanger using LBE by 2, but
using pressure factors reduces the cost is reduced by a factor of 1.15. The cost of the
radiant heat exchanger with LBE is calculated as:
CRHX,LBE 0 .3(CHX ,steam CQUENCH ,steam)
+0.7(C- Ntubes,LBE Pj,LBE (.0RHX,steam CQUENCH ,steam )rNtLbe P,'s (4.30)
The base cost of the tubes in the steam and LBE radiant heat exchanger is assumed to be
approximately the same becauset he additional cost of forming the composite tubes in the
LBE heat exchanger would be offset by the reduced cost of the structural (base) material.
The LBE radiant heat exchanger uses T91, a ferritic steel that is cheaper than Inconel, an
austenitic superalloy used in the steam radiant heat exchanger. In fact, the use of T91
ferritic steel to replace austenitic steel has gained appeal because of its strength at high
temperature, low expansion coefficient, and high thermal conductivity at a reduced cost
[104]. T91 also has excellent toughness, and is advantageous over austenitic steel
because it eliminates dissimilar metal weld failures [85]. There is, however, an additional
cost in forming a cladding material for the composite tubes in the liquid metal radiant
heat exchanger. Nevertheless, cladding pipe has become common in the industry, and is
proven to be cost effective when the structural base can be made of a cheap material,
even if more expensive material is used to coat the inside wall to improve corrosion
resistance [105]. Furthermore, a recent patent from Babcock and Wilcox has
implemented using composite tubes with a similar base material to T91 to a radiant heat
exchanger design, demonstrating industry's willingness to invest in composites for
enhanced heat exchanger performance [102].
- 140 -
Table 4-7: Cost comparison between radiant heat exchangers that are used to either boil
high pressure steam or heat liquid metal.
Steam Liquid Metal Difference
Cost of heat transfer fluid N/A $6.6 million (LBE) $6.6 million
$1.5 million (lead)
Cost of heat exchanger (based $44.5 million $47.3 million $2.8 million
on the NETL reference cost)
Annual revenue from power $224 million $235 million $10.6 million
generation
Implementing a radiant heat exchanger that uses LBE as a heat transfer fluid (as in Case 3
of section 4.5.3) instead of high pressure steam (as in Case 1) increases the capital cost by
approximately $2.8 million, while the annual revenue from electricity generation
increases by $10.5 million. The payback period for using LBE as a heat transfer fluid is
11 months, and for lead is 5 months. The payback period does not take into consideration
the time value of money. After this payback period, the revenue is 5% higher if lead or
LBE is used rather than generating steam in the radiant heat exchanger.
Table 4-8: Cost comparison between radiant heat exchangers that are used to boil high
pressure steam or heat liquid metal, with an increase in length for the latter case.
Steam | Liquid Metal Liquid Metal
(increased length)
Cost of heat transfer fluid N/A $6.6 million (LBE) $8.8 million (LBE)
$1.5 million (lead) $1.9 million (lead)
Cost of heat exchanger $44.5 million $47.3 million $63.0 million
Annual revenue from $224 million $235 million $243 million
power generation
Payback period LBE <11 months LBE < 18 months
Lead < 5 months Lead < 13 months
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The previous cost analysis is based on similar radiant heat exchanger dimensions.
Increasing the heat exchanger dimensions can increase the payback time, but will also
increase revenues after the payback period is over. To assess this scenario, the length of
the heat exchanger that uses liquid metal is increased from 30 m to 40 m, and all other
dimensions are kept the same. The liquid metal is used to heat steam with the same
pressure levels as Case 3 of section 4.5.3, where the high pressure steam is 25 MPa. The
efficiency gain of heating LBE in a 40 m long radiant heat exchanger as opposed to steam
in a 30 m long heat exchanger (Case 1 of section 4.5.3) is 1.31 points. This is compared
to a lower efficiency gain of 0.75 points when the LBE is heated in a 30 m long heat
exchanger (Case 3).
The revenue from the efficiency gains and the cost of a longer heat exchanger is
summarized in Table 4-8. The cost of LBE increases from $6.6 to $8.8 million, while the
cost increase for lead is not as dramatic, going from $1.5 to $1.9 million. The heat
exchanger cost also increases from $47.3 million to $63 million, as does the revenue from
$235 to $243 million. The payback period for LBE increases to 18 months and 13
months for lead. While the payback period has increased for both heat transfer fluids by 7
months, this length of time is small with respect to the lifetime of the plant (assumed to
be 50-60 years). Following the payback period, there is an additional $18 million of
revenue every year, which makes the added investment initially profitable in the long
term.
4.6 Shell and tube heat exchanger design
The incentive to develop an alternative heat exchanger design to the tube-lined wall
design is to reduce the thermal resistance in the syngas. In the GE radiant heat
exchanger, the heat transfer coefficient for convective heat transfer is h. = 25 W/m 2K,
while for radiation heat transfer, the heat transfer coefficient is approximately
hrd 4cT = 469 W/m 2K for a temperature of 1273 K or 1000 C. Therefore, heat
transfer would be significantly improved if the convective heat transfer coefficient is of
the same order of magnitude as the radiant heat transfer coefficient.
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The convective thermal resistance of the syngas decreases with an increase in its heat
transfer coefficient or an increase in the diameter of the radiant heat exchanger, as given
by equation (4.18). To improve the heat transfer coefficient, the velocity of the syngas is
increased by decreasing the heat exchanger diameter. However, decreasing the heat
exchanger diameter also decreases the heat transfer surface area, leading to a net
reduction in the overall heat transfer. Therefore, in order to reduce the heat exchanger
diameter without decreasing the heat transfer surface area, a shell and tube heat
exchanger is adopted.
To deal with the slag issues that would be encountered in a shell and tube design, the
syngas is cooled to below the slag solidification temperature before it enters the heat
exchanger. In this case, since the heat exchanger shell diameter can be decreased and
varied without slag sticking to the tube walls, the gasification products from the two
gasifiers can be fed into one shell and tube heat exchanger, as seen in Figure 4-11. This
is contrast to the GE gasification process that uses two gasifiers and two radiant heat
exchangers.
Quenching the syngas stream before it enters the heat exchanger is done in practice in the
Shell gasification process, where a recycle gas stream is used to reduce the syngas
temperature to 1093*C, and the E-Gas process, where a secondary slurry injection is used
to reduce the syngas temperature to 1038*C [34]. In this work, the temperature of the
syngas as it enters the shell and tube heat exchanger is taken to be 1000'C. It is first
cooled to 700'C by rejecting heat to lead or LBE, and then cooled further to 316'C by
rejecting heat to steam, as diagrammed in Figure 4-12. The desired exit temperature for
the liquid metal is chosen to be slightly higher than the GE model at 700'C in an attempt
to reduce the temperature difference between the liquid metal and syngas further.
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Shell and tube
heat exchanger Heat TransferFluid Steel wall
Insulation
Figure 4-11: Two gasifiers in parallel feed into one shell and tube heat exchanger.
Shell and tube
heat exchanger
Quench Recycle Gas 10000C
Intermediate Steam
Loop Cycle
700*C
Steam
Cycle
Gasifier 316*C
Quench
Cooler
Slag
Figure 4-12: In the shell and tube heat exchanger, syngas is cooled by rejecting heating to
liquid metal, and to steam at lower temperatures.
-144-
Table 4-9: High temperature heat exchanger characteristics.
Tube-lined Wall Tube-lined Wall Shell and Tube
(Steam) (Lead or LBE) (Lead or LBE)
Number of heat exchangers 2 2 1
Inner diameter (m) 4.5 4.5 1.9
Length (m) 30 30 30
Number of tubes per cooler 203 254 127
Coolant Flow rate (kg/s) 52.1 1.3 x 10' 4 x 10'
Syngas flow rate (kg/s) 71 71 142
To reduce the cost of the shell and tube heat exchanger with respect to the tube-lined wall
design, the number of tubes was chosen to be half the number of tubes in the tube-lined
wall radiant heat exchanger with the same length of 30 m. The heat exchanger diameter
is then limited to keep the thermal resistance of the syngas high enough to prevent the
tube wall temperatures from exceeding 750'C. Given this geometry, the mass flow rate
of the liquid metal is selected to achieve the desired syngas and liquid metal exit
temperature of 700'C.
The dimensions of both the tube-lined wall and shell and tube heat exchanger are given in
Table 4-9 for comparison. Since two heat exchangers are used in the tube-lined wall
model and one heat exchanger for the shell and tube model, there are four times fewer
tubes in the shell and tube heat exchanger than the total number in the tube-lined wall
heat exchanger.
While the number of heat exchanger tubes is chosen a priori (limiting the minimum heat
exchanger diameter as discussed previously), selecting the heat exchanger diameter, the
number of tubes and the length of the heat exchanger is a tradeoff between maximizing
heat transfer and minimizing cost, while falling within material constraints. In the shell
and tube heat exchanger design, reducing the shell diameter while maintaining the same
syngas mass flow rate increases the syngas velocity, thereby improving the gas to wall
heat transfer coefficient. However, increasing the syngas heat transfer coefficient also
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increases the tube wall temperature. Presuming the overall mass flow rates of the lead or
LBE fluids are fixed, the wall temperature can be reduced back to acceptable levels by
decreasing the number of tubes. Decreasing the number of tubes in the shell and tube
heat exchanger for a given overall diameter increases the effective cross-sectional area
for the syngas, which decreases the heat transfer coefficient from the gas to the wall.
Decreasing the number of tubes therefore reduces the effect of reducing the heat
exchanger diameter, and also reduces the heat transfer surface area. However,
minimizing the number of tubes does significantly reduce cost, and this is where the
tradeoff between cost and heat transfer become important.
The governing equations for heat transfer within the shell and tube heat exchanger is the
same as for the tube-lined wall radiant heat exchanger, given in section 4.5.1. Besides
changes in the geometry and layout for the shell and tube design, the heat transfer model
assumes adiabatic walls, since heat losses in the tube-lined wall design were shown to be
negligible. The walls are assumed to be lined with a refractory lining like that in the
second stage of the E-Gas gasifier where temperatures are comparable. No slag layer is
present on the tubes of the heat exchanger, and the surface roughness of the tubes 0 used
in equation (4.25) is assumed to be 0.002 m for steel tubes [100].
4.6.1 Simulation results
The one-dimensional heat transfer equations were solved along the length of the shell and
tube heat exchanger, and the inlet and outlet temperatures are given in Table 4-10. The
exit temperature of the syngas does not differ by more than one degree if lead or LBE is
used. The temperature profiles of the streams through the heat exchanger are given in
Figure 4-13. The tube-lined wall heat exchanger has a lower inlet and exit temperature
than the shell and tube design because a larger temperature difference is required in the
tube-lined wall model to increase heat transfer from the syngas to the LBE. In the shell
and tube design, the temperature difference can be reduced because convective heat
transfer is improved by higher syngas velocities, which in turn reduces the overall
thermal resistance between the syngas and the tube wall.
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for streams in the shell and tube heat exchanger.
Tin (C) Tout (C)
Syngas 1000 696
LBE 557 700
Lead 564 700
4.6.2 Efficiency improvements
To assess the power output when liquid metal is used to transfer heat from high
temperature syngas to steam, pinch analysis techniques are used. Figure 4-14 shows the
balanced composite curves with the same process and steam system as used in Figure
4-10, but the hot composite curve now includes LBE heated in a shell-and-tube heat
exchanger, as well as the syngas stream in the temperature range from 696'C to 316*C.
The syngas in this temperature range is cooled by steam after cooling by LBE in the shell
and tube heat exchanger. Two different HP steam pressure levels of 12.5 MPa and 25
MPa were used in the cold composite curves denoted as Case 4 and Case 5 in Figure 4-14
respectively, and the corresponding power output and heat exchanger network were
calculated. Table 4-11 includes target values for the shell and tube heat exchanger and
the tube-lined wall radiant heat exchanger from Table 4-6 for comparison. In Table
4-11, the heat absorbed in the shell and tube heat exchanger is the sum of the heat
absorbed from the syngas by both the liquid metal and steam, and is higher than the tube-
lined wall heat exchanger.
-147-
Table 4-10: Inlet and exit temperatures
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Figure 4-13: Temperature profile of cooling syngas in a shell and tube heat exchanger
using an LBE heat transfer fluid. Arrows indicated the fluid flow directions.
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Figure 4-14: Balanced composite curves including process streams and the steam system.
LBE is heated in a shell and tube heat exchanger and the HP steam levels are 12.5 MPa
and 25 MPa for Case 4 and 5 respectively.
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- Hot Process + LBE
---------- Cold + Steam- Case 4
----- Cold + Steam- Case 5
from pinch analysis. The efficiency change is relative to Case 1.
Tube-lined wall
Case 2 Case 3
Shell and tube design
Case 4 Case 5
Tube coolant: Steam LBE LBE LBE LBE
HP Steam 12.5 MPa 12.5 MPa 25 MPa 12.5 MPa 25 MPa
pressure:
Heat absorbed in 122 114 114 175 175
RHX (MW)
Total Power from 271.4 270.8 284.2 260.3 282.0
steam (MW)
Area for heat 9.77 x 105  8.12 x 105  9.52 x 10' 8.05 x 10' 9.82 x 105
exchange (m 2)
Profit 201.2 201.0 209.9 192.1 207.2
(millions $)
ri change --- -0.03 0.75 -0.65 0.62
Even though more heat is absorbed in the shell and tube heat exchanger (Cases 4 and 5)
than the tube-lined wall heat exchanger (Cases 2 and 3), the power output is lower for the
shell and tube heat exchanger when the same HP steam pressure levels are used (i.e.
compare Case 2 to Case 4 with an HP steam pressure of 12.5 MPa and Case 3 to Case 5
with an HP steam pressure of 25 MPa). The reduced power output in the shell and tube
design comes from the additional steam requirement from the HP steam turbine for the
water gas shift (WGS) reactors, as compared to the tube-lined wall heat exchanger. As
described in section 4.5.3, a lower syngas exit temperature from the radiant heat
exchanger results in less steam being evaporated from the quench water bath and a higher
steam requirement from the HP turbine. For the shell and tube model, the exit
temperature of the syngas is 316*C, much lower than the exit temperature of 884'C in the
tube-lined wall heat exchanger with an LBE heat transfer fluid. The amount of steam
required from the HP steam turbine for the WGS reactors is summarized in Table 4-12
for each of the cases in Table 4-11. The calculated amount of steam for the WGS is
found using the IGCC flowsheet model built in Aspen Plus.
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Case 1
Table 4-11: Targeting
Table 4-12: Mass flow rate of steam at 6 MPa and 324'C extracted from the high
pressure steam turbine for the water gas shift (WGS) reactors.
Steam extractedfrom HP turbine for Percentage of total HP steam
injection into WGS reactor (kg/s) mass flow rate
Case 1 27.7 16.8 %
Case 2 25.3 15.1%
Case 3 25.3 14.8%
Case 4 64.3 32.4%
Case 5 64.3 30.8%
While less power is expected from the shell and tube heat exchanger design than the
tube-lined wall heat exchanger, the cost of the shell and tube design is less expensive.
The cost analysis in section 4.5.4 can be extended to the shell and tube heat exchanger,
which indicates that the majority of the heat exchanger cost is associated with the cost of
the tubes. Since there are four times fewer tubes in the shell and tube heat exchanger
than the tube-lined wall heat exchanger, the shell and tube heat exchanger and cost of the
liquid metal is almost four times less expensive. Although the profit for Case 5 (the shell
and tube design and HP steam at 25 MPa) is slightly lower than for Case 3 (the tube-lined
wall design and HP steam at 25 MPa), the potential savings in the shell and tube heat
exchanger between syngas and LBE make it more attractive.
4.7 Increasing maximum temperature
From a thermodynamic perspective, an increase in the maximum temperature of the
steam cycle should result in an increase in efficiency and hence power output. From
inspection of Figure 4-10, it appears that the efficiency would be improved if the
maximum temperature of the steam cycle was increased beyond 538'C to bring the two
composite curves closer together.
An increase in maximum temperature is assessed here for LBE heated in the tube-lined
wall design, and the highest steam presure is 25 MPa (Case 3 from the previous section),
which has the highest efficiency improvement. While maintaining the same steam
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pressure levels, the maximum HP steam temperature is increased from 538'C to 620'C,
and the resulting composite curve is given in Figure 4-15. The location of the pinch
temperature for the cold composite curve changes from 366.5*C to 540'C. At high
temperatures, the temperature difference between the hot and cold composite curves
decreases, while at lower temperatures, the temperature difference increases. The effect
of increasing the maximum temperature is a decrease in power output from 284.2 MW to
282.6 MW. The lower output comes from less HP steam generation and more MP steam
generation. The HP steam flow rate decreases with an increase in maximum temperature
because it is limited by the high temperature pinch point. The heat that would be
absorbed by HP steam when the maximum temperature is 538'C is absorbed by MP
steam when the maximum temperature is 620'C. Therefore, while a current mandate
exists to find improved materials to go to high temperatures [106], increasing the steam
maximum temperature is not necessarily beneficial under the present IGCC conditions.
To increase the power output by increasing the maximum temperature of the steam cycle,
the high temperature pinch point would have to be circumvented by increasing the mass
flow rate of the liquid metal at high temperature. A higher mass flow rate would reduce
the slope of the hot composite curve in the segment containing liquid metal, eliminating
the high temperature pinch point. However, increasing the mass flow rate would lead to
a smaller temperature difference of the liquid metal between its inlet and outlet so that a
high liquid metal exit temperature would be accompanied by high temperatures over the
length of the heat exchanger, and the heat absorbed from syngas would decrease.
Therefore, achieving a greater power output with an increase in the maximum steam
cycle temperature requires an increase in the mass flow rate of the liquid metal in the
radiant heat exchanger, as well as an increase in the heat transfer surface area in order to
maintain the same heat transfer rate.
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Figure 4-15: Composite curves including process streams and the steam system, where
the hot composite curve includes LBE that has been heated in a tube-lined syngas cooler.
Two cold composite curves are shown with a maximum temperature of 5380 and 620'C.
4.8 Molten salt heat transfer fluid
4.8.1 Molten salt and tube material selection
Molten salt is assessed as a heat transfer fluid because it is less toxic and less corrosive
than lead or LBE. However, its thermal and physical properties lead to reduced heat
transfer from the tube walls to the heat transfer fluid when compared to using lead or
LBE at the same capacity flow rate. Therefore, a higher heat capacity flow rate is
required for the molten salt to keep the wall temperatures below their maximum
allowable temperature.
To select the molten salt for this application, a low melting temperature was desired to
reduce the start-up and operating costs of heating pipes and vessels. Oxygen-containing
salts (nitrates, sulfates, and carbonates) are not considered because they do not possess
thermochemical stability at high temperatures [107]. These salts are also incompatible
with carbon materials because they release oxygen at high temperatures, which rapidly
reacts with the available carbon. Other low temperature salts are excluded because they
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have a high vapor pressure (AiCl 3, ZrCl 4 and BeCl2 salts) or they are too corrosive (metal
halides of Fe Sn, Bi, Cd, Zn, and T1) [107]. Heavy salts with their poor heat transfer
characteristics and salts with more expensive bromine, iodine and rubidium components
are also excluded. Candidate molten salts with a low melting temperature are listed in
Table 4-13. For the fluoride salts in this table, predicted values of specific heat and
thermal conductivity are calculated by using the pure component values and weighting
them according to mole fraction [107, 108]. In general, the variation of heat capacity and
thermal conductivity with temperature is small [107], and the thermal conductivity has
the highest uncertainty. Extrapolated values of the boiling temperature are taken from
low temperature data, or estimated assuming ideal mixture behavior.
Fluoride salts have a viscosity that is almost five times larger than chloride salts, which
reduces the Reynolds number of the flow and ultimately the heat transfer coefficient.
Although they have slightly higher thermal conductivities, the fluoride salts are not as
good as chloride salts in absorbing heat from the tube walls. Therefore, the two chloride
salts listed in Table 4-13 are assessed as heat transfer fluids in the radiant heat exchanger.
Since there is no significant difference between the two compounds, the results from
using the ternary molten salt, NaCl-KCl-MgCl2 as a heat transfer fluid are presented here.
Table 4-13: Thermal properties of molten salts at 700'C, used to evaluate their suitability
for use in a gasifier radiant heat exchanger.
Name Tus Tboi k p c,
(0C) ('C) (W/m-K) (kg/r 3) (J/kg-K) (Pa-s)
NaF-BeF2 (57-43) 340 ~14 0 0b 0.87a 2011 1841a 7x10 3
LiF-NaF-BeF 2  315 ? 0.97a 1998 2046a 5x10~3
(31-31-38)
LiCl-KCl (59-41) 355 ~14 00b 0.38 1268 1200 1.15 x 10-3
NaCl-KCl-MgCl 2c 396 2500 0.39 1713 1004 1.18 x 10-
(30-20-50) 1 1 1 _ 1 _ _I
aPredicted, bExtrapolated
'Properties from Petroski et al [109].
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The use of this molten salt in the tube-lined wall radiant heat exchanger presented in
section 4.5 is modeled using the same tube dimensions as those used in the lead/LBE
model. The density and dynamic viscosity of the salt are assumed to vary with
temperature [109] as
p(kg/m3)= 2260 -0.778 -T ( C) (4.31)
p (Pa -s)=1-10-3 exp (3040 / T (K)-2.96), (4.32)
whereas the thermal conductivity and specific heat are assumed to be constant.
Molten salts are generally non-corrosive, although they do prevent the formation of oxide
film formation which normally passively form on steels to prevent corrosion attack [110].
Testing of molten salts to determine its capability with candidate tube materials is
required. Corrosion resistance data is available for the chloride salts listed in Table 4-13,
and it is found that no significant corrosion occurs in most stainless steel tubes [111].
Over a 60 year lifetime of a plant and 3 mm wall tubes, corrosion rates of 1-3 p m/yr are
tolerable. Susskind et al. [111] find that for the ternary salt NaCl-KCl-MgCl 2 in a natural
convection loop with tubes made of 347 SS, the predicted annual corrosion rate is
3.9 p m/yr. For forced convection, the corrosion rate is 1.3 p m/yr in a smooth pipe and
10.7 p m/yr for a roughened pipe. Static testing of the ternary chloride shows less than
1 u m/yr of penetration in a Cr-Mo steel similar to T91 used for lead and LBE. Although
more testing is required, T91 is assumed here to contain the molten salt in the radiant heat
exchanger, although the internal coating of Fe-12Cr-Si is not required as it is for lead or
LBE.
4.8.2 Simulation results
For an exit temperature of molten salt comparable to the value of lead or LBE at 660'C,
the mass flow rate must be high enough to keep the tube wall temperature below the
maximum allowable value of 750*C. To achieve the desired exit temperature, the heat
capacity flow rate of molten salt (~1400 kJ/0 C-s) is higher than that for LBE (~180
kJ/0 C-s), and the temperature difference between the inlet and outlet is lower. The
temperature profile of the molten salt and the cooling syngas is given in Figure 4-16, and
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the inlet and outlet temperature are given in Table 4-14. The higher molten salt heat
capacity flow rate is evident in the shallower slope of the molten salt curve in Figure 4-16
when compared to the slope of LBE in Figure 4-8b. The exit temperature can also be
reduced to 600*C, and the resulting syngas exit temperature is also given in Table 4-14.
Increasing the temperature difference between the syngas and molten salt over the same
heat transfer area improves heat transfer. The mass flow rate is once again high enough to
maintain a wall temperature below 750*C.
Even though higher viscosities are experienced by molten salts, the pressure drop in the
tubes that contain the heat transfer fluid is still quite small. For tubes that are 30 m long
with an inner diameter of 3 mm, the pressure drop is 0.43% (24 kPa) of the operating
pressure of the gasifier (5.6 MPa). This is slightly higher than for lead and LBE that
experiences a pressure drop of 0.07% (3.7 kPa) of the operating pressure of the gasifier.
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Figure 4-16: Temperature profile of cooling syngas in a tube-lined wall heat exchanger
when molten salt (NaCl-KCl-MgCl 2 ) is used as heat transfer fluids. Arrows indicated the
fluid flow directions.
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Table 4-14: Inlet and exit temperatures for streams in the radiant heat exchanger for
molten salt.
Tin ( C) Tout (0C)
Syngas 1300 931
NaCl-KCl-MgCl 2  624 660
Reduce molten salt exit temperature
Syngas 1300 915
NaCl-KCl-MgC 2  525 600
4.8.3 Efficiency Improvements
After being heated in the radiant heat exchanger, the molten salt is used to heat steam in a
secondary heat exchanger, and the results of doing so is given in Table 4-15. Case 6 and
Case 7 represent two different molten salt exit temperatures of 660'C and 600'C
respectively (note Case 4 and Case 5 refer to the shell and tube design in section 4.6.2).
This follows the same analysis of section 4.5.3, and the results of using LBE are shown
for comparison. The high pressure steam level is chosen to be 25 MPa, which previously
lead to the best efficiency improvements when lead or LBE was used as a heat transfer
fluid.
For a molten salt exit temperature of 660'C, the power output is comparable to the case of
using LBE. This is because even though less heat is absorbed from the syngas in the
radiant heat exchanger, the exit temperature of the syngas out of the radiant heat
exchanger is higher, leading to a lower HP steam requirement for the water gas shift
(WGS) reactors. When the exit temperature of molten is reduced to 600"C, the heat
absorbed is higher, but the power output is slightly lower because there is a higher HP
steam requirement for the WGS reactors.
The area for heat exchange for the steam system in Table 4-15 is similar for both the
molten salt and LBE cases, although molten salt is slightly higher. The area does not
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include the radiant heat exchanger (but they are the same). The increase in heat
exchanger area compared to LBE is due to a lower heat transfer coefficient for molten
salts due to its thermal properties. However, relative to the other heat exchangers within
the plant, the area for heat exchange between molten salt and steam is small because of
much lower heat transfer coefficients experienced by other streams within the plant, such
as syngas, and this leads to a small change in the area for heat exchange. The area in
Table 4-15 is calculated assuming molten salt is on the tube side. Molten salt can also be
placed on the shell side for further heat transfer improvements using ribbed or finned
tubes. Overall, using molten salt gives comparable results to using lead or LBE, and
improves plant efficiency beyond boiling conventional steam at 12.5 MPa in the radiant
heat exchanger.
Table 4-15: Targeting from pinch analysis for steam, LBE and molten salt. The efficiency
change is relative to Case 1.
Tube-lined wall
Case 1 Case 2 Case 3 Case 6 Case 7
Tube coolant: Steam LBE LBE Molten salt Molten salt
Salt exit temp. ("C) 328 660 660 660 600
HP Steam 12.5 MPa 12.5 MPa 25 MPa 25 MPa 25 MPa
pressure:
Heat absorbed in 122 114 114 101 105
RHX (MW)
Total Power from 271.4 270.8 284.2 283.5 283.3
steam (MW)
Area for heat 9.77 x 10' 8.12 x 105  9.52 x 105  9.57 x 105  9.66 x 105
exchange (M2)
Profit 201.2 201.0 209.9 209.3 209.0
(millions $)
r change --- -0.03 0.75 0.71 0.70
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The main contributor to maintaining nearly the same power output between the scenarios
that have the same steam pressure levels is because even though less heat is absorbed
from the radiant heat exchanger, a higher syngas exit temperature from the radiant heat
exchanger leads to more steam generated in the quench cooler, and a lower steam
requirement from the HP steam turbine for the water gas shift reactors.
4.8.4 Cost Comparison of radiant heat exchangers
Given that the area for heat exchanger is similar between the case of boiling steam at 12.5
MPa or heating LBE and molten salt (when used to heat HP steam level at 25 MPa), the
difference in capital investment between all cases will depend on the capital cost of the
radiant heat exchanger and the cost of the heat transfer fluid, as done in section 4.5.4.
To calculate the cost of the molten salt, the prices of the constituents of the salt are
combined. Since the proportion of NaCl-KCl-MgCl 2 is 30% NaCl, 20% KCl and 50%
MgCl 2 , the cost per kg is
Ca M - 0.3 (CNaC1 MWNaC) + 0.2(CKCl - MWKC)+0.5 (CMgCl 2 - MWMgCl 2 )CNaCl-KCl- gCl 2 ~ MW (4.33)
MNaCl-KCl-MgCl2
where C, is the commodity price in $/kg and MWx is the molecular weight of each
constituent 'x'. The cost of each constituent is given in Table 4-16 taken from Williams
[107], and are calculated from 2003 and 2005 values since recently published data is
limited. These values, nevertheless, give a relative cost comparison between the molten
salt and the lead and LBE.
Table 4-16: Cost of salt constituents and ternary molten salt.
Commodity Price ($/kg) Source
NaCl 0.122 Kirk-Othmer Encyclopedia 2003
KCl 0.125 Chemical Marketing Reporter, 2005
MgCl 2  0.36 Chemical Marketing Reporter, 2005
NaCl-KCl-MgCl2 0.264
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The cost of the radiant heat exchanger that uses molten salt can be estimated relative to
the cost of the radiant heat exchanger with LBE and steam. The same T91 steel is used to
fabricate the heat exchanger tubes, but the internal coating for LBE is not required,
making the heat exchanger with molten salt less expensive. When compared to the heat
exchanger that Inconel for the steam heat transfer fluid, T91 used for the molten salt is
less expensive and the tube thickness is smaller because molten salt is at lower pressure.
Therefore, while an upper bound for the cost of the heat exchanger will be the cost of the
heat exchanger with lead or LBE, it is an over-approximation.
The cost of the heat transfer fluids and heat exchanger, as well as the revenue from
electricity sales from generating power through the steam turbines are summarized in
Table 4-17. The cost of molten salt is much lower than the cost of the lead or LBE, and
the payback time for using molten salt is less than 4 months. However, if the radiant heat
exchanger were the same cost as the steam radiant heat exchanger, the payback period
would be zero, and the additional investment for the molten salt would be immediately
compensated by the additional revenue from using molten salt. This makes molten salt
more attractive than using lead or LBE, however, additional operational costs associated
with a higher melting temperature of molten salt, such as keeping vessels and tubes warm
must still be assessed.
Table 4-17: Cost comparison between radiant heat exchangers that are used to either heat
high pressure steam, liquid metal or molten salt.
Steam Liquid Metal Molten salt
Cost of heat transfer fluid N/A $6.6 million (LBE) $27,975
$1.5 million (lead)
Cost of heat exchanger $44.5 million $47.3 million $47.3 million
Annual revenue from $224 million $235 million $234 million
power generation
Payback period LBE <11 months Salt < 4 months
Lead < 5 months
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4.9 Gas heat transfer fluid
Power cycles using gases such as helium or carbon dioxide can also be integrated with
the radiant heat exchanger. This has some advantages. The gas can be heated by passing
directly through the radiant heat exchanger and subsequently expanded in a gas turbine.
The gas flow would then be cooled and recompressed in a Brayton cycle process as
shown in Figure 4-3. This cycle obviates the two-step heat transfer process that the
previously described liquid metal system requires.
The use of gases in the radiant heat exchanger also allows the matching of the pressure
inside and outside of the heat exchanger tubes to minimize the stresses developed in the
heat exchanger tube walls. Even if the gas pressure is half the value of the steam pressure
(12.5 MPa) used in current radiant heat exchangers, Brayton cycles can still achieve the
same thermal efficiencies as the steam system. Furthermore, steam requires superheating
from elsewhere in the plant, while the gas working fluids in the radiant heat exchanger
can be heated to the inlet turbine temperature.
Using gases has several disadvantages, including low thermal conductivities that lead to
high wall temperatures and low densities leading to high volume flow rates. The use of
gases can also lead to corrosion. Carbon dioxide becomes corrosive if combined with
water to form carbonic acid. Helium, while inert, generally contains impurities such as
H2 0, CO, H2 and CH 4 that are corrosive at high temperatures [112]. In addition, since
gases must be pressurized, high efficiency turbomachines are required.
In what follows, different tube materials are explored to contain carbon dioxide and
helium in the radiant heat exchanger. A gas Brayton cycle with recuperation and heat
rejection to steam is then used to produce power from heat absorbed in the radiant heat
exchanger, and the results are compared to the current state-of-the-art that boils steam in
the radiant heat exchangers.
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4.9.1 Tube materials
The compatibility of the fluid running inside the tubes with the tube material must be
evaluated to prevent corrosion. In fossil fuel plants, a weld overlay or spray coating is
used on the outside of tubes to protect against sulfidation [85]. However, using coatings
on the inside of tubes should be avoided from a cost perspective. Austenitic steels, such
as Inconel (currently used in radiant heat exchangers) have high corrosion resistance in
gasification environments, but their resistance to running helium and carbon dioxide
inside the tubes is currently being evaluated. Recent studies investigate the use of
austenitic nickel-chromium based alloys such as Inconel 617 and Haynes 230 with high
temperature and high pressure helium [113]. These materials develop an oxide scale
(mainly chromium oxide) that protect against corrosion by reacting with impurities in the
helium stream. The oxide scale is stable above a critical temperature (890-970'C), which
depends on the concentration of impurities in the helium. As a consequence, the
concentration of impurities, in particular CO, must be well controlled to ensure oxides
form to protect against corrosion.
Inconel 617, as well as MA 754 (oxide dispersion strengthened nickel-base alloy), have
been tested for use with carbon dioxide up to 1000'C [114]. MA 754 did have higher
creep strength, but lower corrosion resistance than 1-617. The mechanism to prevent
corrosion is, once again, the formation of a chromium oxide layer. Initial testing showed
expected corrosion rates of 0.22 mnm/year with MA 754 and 25% less for 1-617 after 500
hours of exposure at 10000 C, although these results were deemed transient, necessitating
longer term experiments.
Ceramics, in particular, silicon carbide (SiC), has excellent high temperature
characteristics. SiC is chemically inert, strong and durable, has low thermal expansion,
and does not creep below 1000'C. It is corrosion resistant in oxidizing environments
because a thin layer of SiO2 forms on the surface Unfortunately, if carbon dioxide is
used as a heat transfer fluid inside the tubes, oxidation of SiC is fairly minimal, and the
corrosion resistance is not as high [115]. The corrosion rate of a SiC composite in helium
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coolant with impurities in the range of 100-1000 ppm is shown to be negligible up to
1 0000C [116]. A disadvantage to SiC is its brittle fracture characteristic, which can lead
to handling, manufacturing and operational difficulties.
Non-porous SiC can be made by chemical vapor deposition (CVD). A non-porous
ceramic is preferred to prevent combustible gases from entering the gaseous heat transfer
fluid stream if it were running below the gasifier pressure. If porous ceramics were used,
the gases would have to be at higher pressure than the syngas pressure. Leakage of
helium out of the heat exchanger tubes is a non-issue from a safety perspective, but
requires continuous replenishing from an external source. Carbon dioxide, on the other
hand, can be replenished with the stream exiting the Selexol unit of the IGCC plant.
Porous ceramics, such as SiC composites, improve bend strength and the ability of the
tubes to withstand localized fractures without completely failing. However, SiC
composites have a low thermal conductivity and are more expensive than CVD SiC
[117].
CVD SiC is chosen in this work to assess the potential gains in thermodynamic efficiency
using a gas coolant. The current cost of CVD SiC is approximately three to four times the
price of most stainless steel tubes [118]. Further analyses and research is required to
select a tube material with high corrosion resistance to both the gases inside the tubes and
the gasification environment outside the tubes at a reduced cost.
4.9.2 High temperature power cycle design
High temperature gas is pressurized, heated in the radiant heat exchanger, expanded
through a turbine, and cooled to form a closed thermodynamic cycle. Heat rejection out
of the Brayton cycle can either be used to heat steam, as diagrammed in the temperature-
entropy diagram of Figure 4-17a (with a schematic shown in Figure 4-3), or used to
preheat the gas coolant in a recuperator before it enters the radiant heat exchanger, as in
Figure 4-17b. There can also be some combination of the two, as given in the
temperature-entropy diagram of Figure 4-18, and schematic of Figure 4-19.
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In Figure 4-18 and Figure 4-19, the gas working fluid is expanded through a turbine from
(1) to (2). Low pressure gas enters the recuperator at (2) and exits at point (3').
Additional heat rejection from the gas Brayton cycle is transferred to the bottoming steam
cycle and the gas working fluid enters the compressor at point (3). The gas is
compressed to point (4) and is heated in the recuperator to point (l') before re-entering
the radiant heat exchanger.
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Figure 4-17: Carbon dioxide Brayton cycle operating between 8 MPa and 2 MPa. Cycle
(a) rejects heat to steam and cycle (b) uses recuperation.
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Figure 4-18: Carbon dioxide Brayton cycle operating between 8 MPa and 2 MPa.
Recuperation is used and heat is rejected to steam. Here, rejected heat from the Brayton
cycle is being used to preheat HP steam.
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Figure 4-19: Brayton cycle with recuperation that absorbs heat from the radiant heat
exchanger and rejects it to steam.
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Recuperation improves efficiency particularly for small Brayton cycle pressure ratios
[119]. Small pressure ratios are favored for helium with its uniquely high specific heat
and specific heat ratio to keep the number of compressor stages down. The operating
temperatures, pressures and pressure ratios examined in this work are within the
constraints of current helium turbomachinery [120]. Recuperators for helium cycles can
also be large and expensive, but high effectiveness plate-fin recuperators developed in the
1990s have renewed interest in helium Brayton cycles [121].
In this work, recuperation was used to preheat the gas coolant before it entered the radiant
heat exchanger. First, the inlet temperature to the turbine and the pressure ratio are
selected because they are important factors in determining the power output of the cycle.
The temperature of point (3) is assumed to be 40*C, and therefore, the state of point (4) is
immediately known for a given compressor efficiency. All turbomachine efficiencies in
this work are assumed to be 85%. The temperature difference at the cold end of the
recuperator is 20*C, i.e. T, - T4 = 20C. The temperature of the high pressure gas exiting
the recuperator at (l') is calculated from an energy balance of the recuperator as
H1 = 2 -(R 3 - 4 ) (4.34)
where H is the total enthalpy rate at a given state. For a fixed inlet turbine temperature,
the mass flow rate of the gas working fluid is varied until the inlet temperature into the
radiant heat exchanger (l') is achieved, which depends upon the available surface area in
the radiant heat exchanger. The heat transfer model for the radiant heat exchanger is
described in the following section.
The power output from the steam system can be calculated using pinch analysis targeting
with the composite curves in Figure 4-20, as done in section 3.6. Included in the hot
composite curve is the gas working fluid from the recuperator exit (3') to the compressor
inlet (3). The amount of power that can be obtained from the steam system also depends
on the amount of high pressure steam required for the water-gas shift reactors. This is
taken into consideration when calculating the IGCC plant efficiency.
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Figure 4-20: Composite curve of hot and cold processes with steam. The hot composite
curve includes the enthalpy change of the gas heat transfer fluid from the recuperator exit
to the compressor inlet.
The pressure ratio and maximum temperature of the cycle can be varied and shown to
have optimum intermediate values, as seen in the following sections. In all scenarios
examined, the power output did not exceed the current state of the art, whereby steam is
generated in the radiant heat exchanger directly. Further parametric studies could be
conducted to optimize the cycle design, to be discussed further.
4.9.3 Heat transfer model
The same tube-lined wall radiant heat exchanger described in the GE gasification process
of section 4.5 is used as part of the gas Brayton cycle to absorb heat from high
temperature syngas. The tubes are made of CVD SiC, and the tube diameter is 3 cm,
while the tube wall thickness is 3 mm. The tube diameter is smaller than the tubes that
carry liquid metal to increase the heat transfer coefficient of the gas inside the tubes. The
tensile and compressive strength of CVD SiC is equal to the flexural strength, and
increases with temperature [122]. The tensile strength depends on the manufacturing
process, and between 800-1090*C, the strength is approximately 510 MPa [123]. During
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steady state when the gasifier is operating at 5.6 MPa, a 3 mm tube wall can sustain
pressures differentials up to 96.4 MPa. However, with a factor of safety of 4, the
maximum pressure is limited to 31.1 MPa. At lower temperatures experienced during
transient conditions, the strength of the CVD can be as low as 212 MPa (20'C), which
can sustain a maximum pressure of 16.2 MPa, accounting for a factor of safety. Overall,
it is best to remain as conservative as possible to prevent fracture of the ceramic tubes at
high pressure.
The heat transfer model for the heat exchanger is given in section 4.4.2. The heat transfer
coefficient calculated within the tubes is calculated from equation (4.22), assuming
smooth pipes. The heat exchanger is 30 m long and has a 4.5 m diameter, the same
dimensions as when liquid metal or steam is used as a heat transfer fluid. The thermal
conductivity of CVD SiC is higher than most steels, ranging from 350 W/m-K at 300 K to
64 W/m-K at 1500 K [122]. The thermal conductivity is modeled here as a function of
temperature [122] and is valid above 300 K:
k = [-0.0003 +1.05 x 10-5 T] (4.35)
4.9.4 Varying pressure ratio.
The results of using carbon dioxide and helium Brayton cycles are given in Table 4-18
and Table 4-19 respectively, with a fixed turbine inlet temperature of 800'C and
compressor inlet temperature of 40'C. For carbon dioxide, the turbine exit pressure is
fixed at 2 MPa, and the inlet pressures are 8, 12.5 and 20 MPa (pressure ratios of 4, 6.25
and 10 respectively). The upper pressure limit of 20 MPa is higher than the maximum
allowable pressure during transient (low temperature) operation, and should be
approached gradually as the tubes are heated. The value of 12.5 MPa is the same pressure
level of steam currently circulated in radiant heat exchangers. For helium, the turbine
inlet pressure is 8 MPa and the exit pressures are chosen to be 6, 4 and 2 MPa (pressure
ratios of 1.33, 2 and 4 respectively) to remain within current turbomachinery constraints.
Carbon dioxide, when compared to helium, can undergo large pressure changes across
the turbomachines without a drastic change in temperature. However, the same power
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output is achievable with smaller pressure ratios of helium than for larger pressure ratios
of carbon dioxide.
Increasing the pressure ratio (moving from left to right in Table 4-18 and Table 4-19)
leads to an increase in the compressor exit temperature and decrease in the turbine exit
temperature. This limits recuperation, and the gas coolant must enter the radiant heat
exchanger at a lower temperature, requiring a lower mass flow rate.
Lowering the mass flow rate due to an increasing pressure ratio has a two-fold effect: the
heat absorbed from the syngas in the radiant heat exchanger increases, while the power
extracted from the turbine decreases. The heat absorbed from the syngas increases
because there is a larger temperature difference between the syngas stream and gas
working fluid. However, even though more heat is absorbed from the syngas, the
Brayton cycle efficiency and power output decrease with increasing pressure ratio
because there is less recuperation and more heat is being transferred out of the cycle. As
more heat is transferred out of the cycle, the power output from the steam cycle increases
with increasing pressure ratio.
Using a combined carbon dioxide-Brayton/steam cycle leads to the same power output
over all pressure ratios assessed here (Table 4-18). Therefore, the optimum combined
cycle will be the one that minimizes the combined cost of the recuperators, gas-to-steam
heat exchangers and turbomachines. For the combined helium-Brayton/steam cycles, an
optimum pressure ratio exists to maximize the power output (Table 4-19). Initially, an
increase in the pressure ratio leads a decrease in Brayton cycle efficiency due to less
recuperation but the same power output because more heat is absorbed. Eventually, the
power output decreases with increasing pressure ratio because as more heat is rejected
out of the Brayton cycle, losses in heat transfer from the Brayton to steam cycle
dominate. This loss mechanism also indicates there must also be an optimum carbon
dioxide pressure ratio.
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Table 4-18: Carbon dioxide heat transfer fluid. Turbine exit
temperature is 2 MPa and 8000C respectively.
pressure and inlet
Pressure ratio: 4 6.25 10
Inlet pressure (MPa) 8 12.5 20
Turbine exit temp. (*C) 623 571 518
Compressor exit temp. (0C) 169 217 271
Coolant flow rate per RHX, 177.5 142 118.5
nc0 2 (kg/s)
Syngas exit temp. (*C) 956 950 947
Syngas cooling (MW) 94 96 97
Brayton cycle efficiency 43.3% 40.3% 36.2%
Brayton cycle power (MW) 41 39 35
Steam cycle power (MW) 226 227 231
Total power output (MW) 266 266 266
Table 4-19: Helium heat transfer fluid. Turbine inlet pressure and inlet temperature is 8
MPa and 8000 C respectively.
Pressure ratio: 1.33 2 4
Inlet pressure (MPa) 6 4 2
Turbine exit temp. (*C) 701 580 412
Compressor exit temp. (0C) 85 158 313
Coolant flow rate per RHX, 74 38.8 24.2
InHe (kg/s)
Syngas exit temp. (0C) 961 942 921
Syngas cooling (MW) 93 98 104
Brayton cycle efficiency 44.4% 42.1% 27.7%
Brayton cycle power (MW) 41 41 29
Steam cycle power (MW) 223 224 233
Total power output (MW) 264 265 261
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The power output from the Brayton cycle depends on the turbomachinery efficiencies.
The turbomachinery isentropic efficiencies were assumed to be 85%, which is a
reasonable lower bound. If the compressor and turbine efficiency were increased to 90%,
the power output from the Brayton cycle (over the pressure ratios examined) would
increase by 6-7 MW for carbon dioxide and 7-9 MW for helium. As the pressure ratio
increases, the more important the turbomachinery efficiencies become. If the
turbomachinery efficiencies were increased to 90%, then the total power output would
rival the case than when steam is used to absorb heat in the radiant heat exchanger. In
section 3.6, the power output when steam is heated in the radiant heat exchanger is 270
MW. With efficiencies of 85%, the power output from using a gas working fluid in the
radiant heat exchanger as opposed to using steam is lower.
4.9.5 Varying turbine inlet temperature
The turbine inlet temperature is varied for a helium-Brayton cycle with a turbine inlet
pressure of 8 MPa and exit pressure of 2 MPa. The results are given in Table 4-20.
Increasing the maximum cycle temperature increases the efficiency of the Brayton cycle
but there is little change in the power output because less heat is absorbed from the
syngas in the radiant heat exchanger. Less heat absorption is due to smaller temperature
differences between the syngas and gas working fluid over the same heat transfer area.
Alternatively, the steam cycle power output increases with increasing maximum Brayton
cycle temperature because more heat is being rejected out of the Brayton cycle to the
steam system. The power output from the steam system also increases because there is a
lower steam requirement from the high pressure steam turbine for the water gas shift
reactors due to a higher syngas exit temperature from the radiant heat exchanger. The net
result of increasing the maximum cycle temperature is that the total power output
increases.
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Table 4-20: Carbon dioxide heat transfer fluid. Turbine inlet and exit pressures are 8 and
2 MPa respectively. Compressor exit temperature is 169'C.
Inlet turbine temperature: 700 0C 800 0C 9000C
Turbine exit temp. ('C) 535 623 710
Coolant flow rate per RHX, 211.5 177.5 143
C02 (kg/s)
Syngas exit temp. (C) 921 956 998
Syngas cooling (MW) 104 94 83
Brayton cycle efficiency 38.3% 43.3% 46.9%
Brayton cycle power (MW) 40 41 39
Steam cycle power (MW) 224 226 228
Total power output (MW) 263 266 267
4.9.6 Conclusions
For the Brayton cycles considered here, a decrease in pressure ratio increases the
efficiency of the combined Brayton/steam cycle, which is equal to
_ Net Power Output (4.36)
combined cycleCooling
However, a decrease in pressure ratio does not always lead to an improvement in the
IGCC thermal efficiency, given by:
_ Net Power Output (4.37)Olth,IGCc- HHVs
cHVoal
Even though the combined cycle efficiency increases eombined cycle with a decreasing
pressure ratio due to increased recuperation, the power output does not necessarily
increase because less heat is absorbed from the cooling syngas in the radiant heat
exchanger. As the maximum temperature of the Brayton cycle increases, the combined
cycle efficiency and the power output increase, even though less heat is extracted from
the syngas in the radiant heat exchanger. The following section describes future
improvements to improve power output and overall IGCC plant efficiency.
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4.9.7 Suggested future improvements
To improve the power output from the combined Brayton/steam cycle, the losses due to
heat transfer from the Brayton cycle to the steam cycle can be reduced by reducing the
temperature difference between the hot processes and steam cycle, i.e. reducing the
distance between the two curves in Figure 4-20. This can be done using supercritical
steam pressures to better match the slopes of the hot and cold composite curve,
particularly at high temperature. Increasing the high pressure steam level to supercritical
values is assessed when liquid metal is heated in the radiant heat exchanger, and this is
shown to increase power output.
Another way to improve efficiency of the combined cycle is to reduce the temperature
difference between the syngas stream and the gas Brayton cycle in the radiant heat
exchanger. Minimizing the temperature difference is accomplished by maximizing the
Brayton cycle pressure ratio and the degree of recuperation when the compressor and
turbine are reversible. When the components of the Brayton cycle, i.e. the compressor
and turbine, are non-ideal, an optimum pressure ratio exists for maximum efficiency.
Reducing the temperature difference between the Brayton cycle and the syngas in the
heat exchanger over the same heat transfer area reduces the heat absorbed from the
cooling syngas. Therefore, while reducing the temperature difference in the radiant heat
exchanger would improve efficiency, the power output could decrease because less heat
is absorbed. A parametric study can be conducted to determine the conditions for which
heat transfer can be optimized to maximize the power output.
- 172 -
4.10 Chapter summary
This chapter explores alternative heat transfer fluids to high pressure steam boiling in the
radiant heat exchanger. Using liquid metals and composite tubes of ferritic steel, an
expected improvement in overall IGCC efficiency is found to be three quarters of a point
if the liquid metal rejects heat to steam at higher pressures than currently achievable in
state-of-the-art radiant heat exchangers. The payback time for this innovation, compared
to using a steam heat transfer fluid, is less than an additional year of operation.
Another potential heat transfer fluid to be used in the radiant heat exchanger is a gas such
as helium or carbon dioxide, which can be heated and expanded in a turbine. A
pressurized gasifier environment is attractive for running compressed gas fluids through
thin-walled heat exchanger tubes with little tensile stress. Ceramic tubes made of CVD
silicon carbide are used in this application to sustain high pressures at high temperatures,
although they come at a cost. A preliminary cycle analysis indicates that using helium
and carbon dioxide leads to the same IGCC plant power output as using high pressure
steam coolant, but further work is encouraged to explore other cycle designs in order to
improve overall efficiency.
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Chapter 5
Conclusions and future work
5.1 Chapter overview
To improve the efficiency of an IGCC plant, the dominant loss sources are first
quantified in this thesis using exergy analysis. These losses can be reduced by improving
the design of the steam system; more specifically, by optimizing the degree of reheat for
each steam pressure level and the water path through the plant. Accurately targeting
these characteristics of the steam system is conducted using pinch analysis. Losses can
also be reduced by reducing the temperature difference between the syngas and the heat
transfer fluid in the radiant heat exchanger. This is accomplished using lead or lead-
bismuth eutectic as a heat transfer fluid. Gases such as helium and carbon dioxide are
also used to absorb heat from high temperature syngas, but improvements in efficiency
over the current state-of-the-art were not obtained for power cycles using recuperation.
The key results are summarized in this chapter, as well as suggestions for future work.
5.2 Key results and conclusions
5.2.1 Quantifying dominant entropy generating components in an IGCC plant
An IGCC plant with carbon capture was built in Aspen Plus based on baseline studies by
Woods et al. [34] for the GE gasification process. Losses were quantified using exergy
analysis, and the greatest loss sources are unavoidably due to combustion in the gasifier
and gas turbine combustor. Other major loss sources are in the compressor, turbines, and
air separation unit (ASU), which are constantly being improved by their manufacturers.
Other dominant loss sources are the radiant and quench cooling following gasification.
The losses in the radiant cooler are due to heat transfer over a large temperature
difference between syngas (high temperature of 1316'C) and high pressure steam at
330 0 C.
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Heat integration between processes was explored using Aspen Hx-Net. However, due to
limitations to the software, the best heat integration was found by matching the heat loads
of processes that were physically located close together. Furthermore, in an IGCC plant,
where there are more heat sources than heat sinks, more significant efficiency
improvements can be made by better matching hot processes to their utility heat sink,
commonly steam. The maximum power that can be obtained from generating steam
within an IGCC plant is 560 MW compared to the actual value of 276 MW.
5.2.2 Improved targeting of the optimum steam system design
To target the desired steam cycle configuration in a plant using pinch analysis, the entire
water/steam isobars (i.e. the sub-cooled water, boiling and vapor segments) are included
in the balanced composite curve. This is contrast to previous work that modeled steam at
its saturation temperature. Advantages of including sensible heating in the composite
curves include better matching of temperature profiles and optimization of steam path
through the plant. It also leads to accurate accounting of changes in the layout of the
steam power cycle, leading to better optimization of the steam cycle. Furthermore, this
method accurately models the large amount of heat required for sensible heating of steam
at high pressures.
An IGCC plant with carbon capture is analyzed to assess the effect of the steam cycle
design on the plant efficiency and cost. By including sensible heating in the balanced
composite curves, as opposed to using constant temperature plateaus, an improvement in
projected efficiency of over 3 points and increase in projected profits of 17% is obtained.
Furthermore, by varying the steam reheat temperatures, the plant efficiency is increased
by 1.35 points and the net profit increases by 8%. Increasing the reheat temperatures of
the intermediate and low pressure steam levels leads to an increase in the targeted power
output and reduction in the HEN area. A decrease in the HEN area is due to an increase
in the slope of the sensible heating segments of the cold composite curve.
To make a direct comparison to the IGCC Aspen Plus model (based on the baseline
studies by Woods et al. [34]), the steam system is further constrained: superheating is
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limited to the HRSG and steam is drawn from the high pressure turbine for water gas
shift reactions. Using pinch analysis targeting, a projected efficiency improvement of
1.71 points was obtained.
5.2.3 Novel approach to harness high temperature heat in coal gasification
In the General Electric (GE) gasification process, high temperature syngas (1300-760'C)
exiting the gasifier is used to generate high pressure (HP) steam at 330'C in a radiant
heat exchanger. The large temperature difference between the syngas and high pressure
steam results in significant losses during the heat transfer process.
To reduce the losses in the radiant heat exchanger, the use of lead and lead-bismuth
eutectic (LBE - 44.5% Pb + 55.5 wt % Bi) is proposed, flowing through heat exchanger
tubes made of a composite material developed at MIT. The composite consists of a
corrosion resistant layer of Fe-12Cr-Si applied to a structural backbone of T91 (Fe-9Cr-
1Mo). The exit temperature of lead or LBE out of the radiant heat exchanger is 660'C,
and is used to boil and superheat steam. Lead or LBE can be used to superheat steam
because wall temperatures will not exceed the maximum temperatures of materials used
in conventional steam superheaters. Not only is superheating possible, but higher steam
pressures (including supercritical, >221 bar) are allowable because the temperatures of
the tubes do not exceed the maximum temperature of high strength steels.
Pinch analysis is used to compare the power output when boiling water or liquid metal is
heated in the radiant heat exchanger. A direct comparison is made between the two
scenarios, first using the same heat exchanger length (30 m) and diameter (4.5 m), and
then increasing the length. The following results were obtained:
. For the same steam pressure levels (high pressure: 12.5 MPa, intermediate pressure:
2.9 MPa, low pressure 0.45 MPa), using lead or LBE as opposed to steam in the
radiant heat exchanger leads to no net gain in efficiency.
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. When lead or LBE is used to heat steam with a high pressure level of 25 MPa, the
IGCC plant efficiency increases by 0.75 points. The additional cost of implementing
this technology has a payback time of 11 months for LBE and 5 months for lead.
. For a heat exchanger length of 40 m and a high pressure steam level of 25 MPa, the
IGCC plant efficiency increases by 1.31 points, and the payback time for
implementing the technology increases to 18 months for LBE, but decreases to less
than 1 month for lead.
A shell and tube heat exchanger design is used to improve the heat transfer between the
syngas and liquid metal. To prevent slag build-up on the tube walls, the syngas is cooled
to below the slag solidification temperature before entering the syngas heat exchanger.
The syngas therefore enters the shell and tube heat exchanger at 1000'C, rejects heat to
lead or LBE as is cools to 700'C and then continues to 316'C cool by rejecting heat to
steam. The shell and tube design is compared to the case where steam is generated
directly in the tube-lined wall radiant heat exchanger:
. For the same steam pressure levels (with a high pressure steam level of 12.5 MPa),
the plant efficiency decreases by 0.65 points.
. Increasing the high pressure steam level to 25 MPa, the plant efficiency increases by
0.62 points.
The cost of using lead and LBE in the shell and tube heat exchanger is approximately
four times less than using these metals in the tube-lined wall heat exchanger, and thus,
the profit from additional revenue of using this technology immediately outweighs the
additional capital cost.
Molten salts were assessed as potential heat transfer fluid candidates, and while they are
not able to absorb as much heat from syngas in the radiant heat exchanger as compared to
lead or LBE, their use still leads to an improved efficiency over boiling steam in the
radiant heat exchanger. This is because molten salt can be used to heat even higher
pressure steam than currently heated in the radiant heat exchanger. Molten salts are non-
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corrosive, non-toxic, and less expensive than lead or LBE, making its use an attractive
option.
Carbon dioxide and helium gas are also explored as possible heat transfer fluids in the
tube-lined wall radiant heat exchanger. These gases are used in a Brayton cycle with
recuperation and heat rejection to steam. The heat exchanger tubes are assumed to be
made of chemical vapor deposition (CVD) silicon carbide to withstand the temperatures
in this application.
Assuming turbomachinery efficiencies of 85%, the combined power output from the
Brayton/steam cycle did not exceed the power output when steam is generated in the
tube-lined wall radiant heat exchanger. If the turbomachinery efficiencies are 90%, using
carbon dioxide and helium would rival using steam in the radiant heat exchanger, but not
significantly.
5.3 Future Work
5.3.1 Improved targeting of the optimum steam system design
Targeting the steam system can be improved with more detailed cost models. Piping
costs can be included to more accurately target the water path through an existing plant.
In the current model, it is assumed that once the optimum heat exchanger network is
targeted, the heat exchanger units can be arranged to reduce piping costs. A more
accurate cost model of the steam turbine would take into account off-design operation, as
well as the variation in performance with operating pressure and pressure ratio. However,
in this work, an efficiency of 85% is assumed for the steam turbines, which is a
reasonable even for off-design operation.
Further work can be done to use mathematical optimization to design the HEN network
with consideration of the entire steam isobar from its condensed water to superheated
vapor state. Recent work by Ponce-Ortega et al. [27] consider processes with both
sensible and latent heating in the mathematical optimization of a heat exchanger network.
This can be extended to consider utility streams that have both sensible and latent
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heating, with the goal to allow these streams to interact with multiple processes as the
utility is routed through the plant.
5.3.2 Novel approach to harness high temperature heat in coal gasification
The heat transfer model for the radiant heat exchanger presented in this work uses a
simplified radiation model, which can be improved for more accurate values of the
syngas and heat transfer fluid temperatures. Even if a more detailed model is used in this
work, the trends are expected to be the same. One improvement is to include radiation in
the axial direction, which is currently assumed to only occur in the radial direction.
Changes in the physical design of the tube-lined wall radial heat exchanger can be
explored to improve heat transfer. The use of baffles is not possible due to the expected
corrosion and slag build-up. One potential option is to separate the flow into multiple
tube-lined wall heat exchangers, with a throat before each heat exchanger to concentrate
the slag, allowing it to drip through the center without making contact with the tubes.
However, there is a limit to how small the heat exchanger diameter can be made before
slag will make contact with the tube walls. There is also an associated additional capital
cost of multiple pressure vessels and soot blowers for each heat exchanger.
A significant factor that will impact the widespread use of lead or lead-bismuth as a heat
transfer fluid in the radiant heat exchanger is the cost of the composite tubes. The present
day cost of these tubes is high because they would be custom made, but if these tubes
become more widely used (such as in nuclear applications) and made in bulk, they would
be cost competitive to high temperature stainless steel tubes currently used in radiant heat
exchangers. The use of molten salts as a heat transfer reduces the cost of the tubes in the
radiant heat exchanger because compositetubes are not required, however, the additional
operational costs associated with a higher melting temperature of molten salt (such as
keeping vessels and tubes warm) must be further evaluated.
To improve the overall power output when a gas heat transfer fluid is used in the radiant
heat exchanger, the losses generated when heat is transferred from the Brayton cycle to
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the steam cycle must be reduced. This is accomplished by manipulating the steam cycle
design (by varying the steam pressures and superheat temperatures). In addition, a
parametric study is required to determine the optimum degree of recuperation and
pressure ratio of the Brayton cycle.
To select the optimum gas heat transfer fluid, an analysis that considers both the capital
cost and the increased revenue from efficiency gains is required. It is expected that a
recuperator will require a significant initial capital investment that will outweigh the
increased revenue from improving the cycle efficiency.
5.4 Chapter summary
This thesis aims to improve the efficiency of IGCC plants with carbon capture by
reducing the entropy generated from heat transfer across large temperature differences.
The first step is to assess which components have the largest entropy generation using
exergy analysis. One such component includes the radiant heat exchanger. Losses here
are reduced by using alternative heat transfer fluids other than to steam absorb heat from
syngas exiting the gasifier at high temperatures. By using lead or lead bismuth as a heat
transfer fluid in the radiant heat exchanger, the efficiency could increase by 0.75 points.
Another way to improve plant efficiency is by improving the steam system. A new
approach to target the optimum steam system using pinch analysis techniques is
developed in this work. Sensible heating is included in the composite curves to model
each steam pressure level, differing from previous work that modeled steam at its
saturation temperature. Using sensible heating in the composite curves targets the steam
path through the plant to make efficient use of low grade heat, and more accurately
targets the capital cost of the heat exchanger network. Pinch analysis indicates that the
plant efficiency could increase by 1.71 points if heat integration with the steam system
were improved. With these improvements in the steam system and the radiant heat
exchanger design, this work projects a potential plant efficiency improvement of 2.46
points. Future work is suggested to validate these findings with more detailed models.
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APPENDIX A
Aspen Plus flowsheet for IGCC plant with carbon capture, developed by Field et al.[37]
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H2= Hydrogen rich strean for hydrogenation reactor
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A.10 Heat recovery and steam generation
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APPENDIX B
For an open system, the irreversibility can be derived as follows. The first and second
law are written as, respectively,
First law
Second law
0=O-W+jrh,h 
-Zrhh,
in out
0 =V + I s -i rhi S,+$ ,,
Subtracting and adding a heat transfer term to the second law
0= L + Yr h± s - r Ms, +gn]T + dQ - fdQ
Rearranging
0= JdQ T d +TI rhsi-T hSi,+Tgn
The heat transfer can be written as
Q T dQ -T rhs, + Tjrhis, - T,,nin out
Substituting the heat transfer into the expression for the first law,
T T = To dQ+jrh,(h, 
-TOs,)-jrh,(h, 
-TosT)-T$en
T S, out
Replacing TO~gen with the symbol for irreversibility i leads to
(h, - TOS, - Irth,o(h, - To S -u T
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(B.1)
(B.2)
(B.3)
(B.4)
(B.5)
I = T d+ rh,
(B.6)
(B.7)
APPENDIX C
The annualization factor is given by:
1+ ROR)'
A= 100 (C.1)
PL
with a rate of return (ROR) of and plant life (PL). The installed capital cost of the heat
exchanger CC is:
C
CC =a+b Area x Nhc,, (C.2)
\Nshell )
where: CC = the installed capital cost of a heat exchanger ($)
a = the installation cost of the heat exchanger ($)
b, c = the duty/area-related cost of set coefficients of the heat exchanger
Area = the heat transfer area of the heat exchanger
Nshell = the number of heat exchanger shells in the heat exchanger
Duty = the amount of energy being transferred in the heat exchanger
The constants in the capital cost equation are a = 0 for all, b = 600, c=0. 1 (which are
typical standard values). The rate of return (ROR) is 10% and the plant life is 5 years, the
default values for Hx-Net. Although these were the default values, variation in all
parameters did not give practical results. Therefore, detailed costing was not pursued.
The operating cost OC is,
OC = (Chu X Qu,min )+ I (Ccu X Qcu,min) (C.3)
where: OC = the operation cost ($/year)
Chu=the utility cost for hot utility ($/kW yr)
Qhu,min=the energy target of hot utility (kW)
UCcu=the utility cost for cold utility ($/kW yr)
Qcu,min=the energy target of cold utility (kW)
A global pinch temperature of 5C is assumed.
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